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Abbreviation
BAFU

bara

barg

BFB
BIOSWEET
CAPEX
CCEM
CEDA
CH,

CO,

COS
COSYMA
D4

D5

DMS
DMDS
DMTS
EMPA
Energie360
ESI

FB

FOGA
GC
GC-FID
GC-MS
GC-SCD
GWh
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Meaning
Bundesamt fur Umwelt

Absolute pressure

Gauge pressure

Bubbling Fluidised Bed

Swiss Competence Center for Bioenergy Research
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Competence Center Energy and Mobility
Coherent Energy Demonstrator Assessment
Methane

Carbon dioxide

Carbonyl sulfide

Container Based System for Methanation
Octamethylcyclotetrasiloxane
Decamethylcyclopentasiloxane
Dimethylsulphide

Dimethyldisulphide

Dimethyltrisulphide

Swiss Federal Laboratories for Materials Science and Technology

Swiss utility supplying NG, biomethane and woodpellet

Energy System Integration platform

Fixed Bed

Forschungs-, Entwicklungs- und Foérderungsfonds der schweizerischen Gasin-

dustrie
Gas Chromatograph

Gas chromatography—Flame lonization Detector

Gas chromatography—Mass Spectrometry

Gas chromatography—Sulfur Chemiluminescence Detector

Gigawatt hour
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Ho Hydrogen

H,S Hydrogen sulphide

LOD Limit of detection

LOQ Limit of quantification

LQ Liguid quench system

mGC, uGC mini Gas Chromatograph

NDIR Nondispersive infrared

NG Natural gas

OPEX operational expenditures

ppmv parts per million by volume

PSI Paul Scherrer Institut

PtG Power-to-Gas (H, or CH,)

PtX Power-to-X, where X are all products, which can be produced from power
R2 Mixed transition metal oxide dispersed on high surface area supports sorbent
R7 Mixed transition metal oxide sorbent

R8 Activated carbon with functionalized mixed transition metal oxides
S-uGC Sulphur-mini Gas Chromatograph

SCCER Swiss Competence Center for Energy Research

SFOE Swiss Federal Office of Energy

SNG Synthetic Natural Gas

TRL Technology Readiness Level

WWTP Wastewater treatment plant
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Zusammenfassung

In Zusammenarbeit haben das PSI und Energie360° eine neue Power-to-Gas-Technologie validiert.
Durch die "direkte Methanisierung von Biogas", wird die Methan-Ausbeute an Biogas deutlich erhéht.
Zu diesem Zweck ist in einer Versuchsanlage Wasserstoff (H,) dem Roh-Biogas hinzugefiigt worden,
welches aus der Klaranlage bzw. dem Vergarwerk fiir biogene Abfélle am Standort Zirich- Werdhélzli
stammt. FUnf Teilprojekte unterstutzten die experimentellen Abklarungen und dienten der Fokussie-
rung der Experimente.

Eines der Teilprojekte befasste sich mit der Frage nach dem Potential von geeigneten Biogasanlagen
in der Schweiz die sich fur die Integration der Power to Gas Technologie eignen. Der Fokus ist einer-
seits auf bestehenden Kléaranlagen und andererseits auf industriellen Biogasanlagen, welche z.B.
biogene Abfalle vergaren. Landwirtschaftliche Biogasanlagen waren nicht Gegenstand dieser Betrach-
tung. Das wichtigste Ergebnis aus dieser Untersuchung ist, dass das grosste Potential in Bezug auf
Anzahl Anlagen und Gas Produktionsmenge bei der mittleren Anlagengrosse mit 200 m? Biogas pro
Stunde (11 GWh/a) liegt. Es gibt in der Schweiz ein Potential von 39 Anlagen in dieser Grosse.

In einem weiteren Teilprojekt wurde fir die Anlagengrésse von 200 m? Biogas pro Stunde verschiede-
ne Konzepte fur die "direkte Methanisierung von Biogas" anhand einer technisch-6konomische Model-
lierung beurteilt. Verglichen wurden sowohl verschiedene katalytische Methanisierungsvarianten als
auch deren nachgeschaltete Abscheidung fir Restwasserstoff (Membran versus zweistufige Methani-
sierung). Aufgrund dieser Untersuchung wird das Konzept der Wirbelschichtmethanisierung mit einer
nachgeschalteten Wasserstoffmembran vertieft betrachtet, da bei diesem Konzept im Betrieb eine
héhere Flexibilitat moglich ist.

Die Pilotanlage COSYMA wurde am PSI erbaut und im November 2016 fertiggestellt. Die Anlage wur-
de anschliessend auf der ESI-Plattform am PSI in Betrieb genommen. Im Januar 2017 wurde die CO-
SYMA an den Standort Werdhdlzli transportiert und parallel zu der bestehenden Gasaufbereitungsan-
lage installiert und an das Gasnetz angeschlossen.

Fir den Betrieb der COSYMA wurde in einem weiteren Teilprojekt die vorgeschaltete Gasreinigung
festgelegt, welche mit einer Kombination von Sorptionsmitteln arbeitet. Vielversprechende Sorptions-
mittel wurden ausgewahlt und im Labor getestet. Fur die kontinuierliche Dokumentation des Langzeit-
versuchs mit der Pilotanlage wurden verbesserte Gasanalysesysteme erfolgreich eingesetzt (mGC,
Flissigguench-System). Damit konnte friihzeitig erkannt werden, falls Storstoffe wie H,S, Dimethyl-
sulphid (DMS) oder Siloxane nicht mehr ausreichend von der Gasreinigung zuriickgehalten werden.

In der erste Halfte 2017 wurde erfolgreich mit einer einzigen Katalysatorcharge das 1‘000 Stunden
Langzeitexperimente in Werdholzli gefahren. Im Dauerversuch wurden die vorhergesagten Gasquali-
taten erreicht. Die experimentellen Resultate der Wirbelschichtmethanisierung und der Gasreinigung
kénnen vom Massstab der COSYMA auf den einer industriellen Anlage von 200 m® Biogas pro Stunde
hochskaliert werden.

Uber das Projekt wurde laufend in Fachzeitschriften und an Fachveranstaltungen berichtet. Im Rah-

men dieses Langzeitversuches wurde das Projekt ebenfalls einer interessierten Offentlichkeit vor Ort
vorgestellt.
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Summary

A new Power-to-Gas technology was validated in collaboration between PSI and Energie360°. By way
of "direct methanation of biogas", the CH, yield of biogas is considerably increased. For this purpose,
H, was added in a test facility to the biogas from the sewage treatment plant as well as a bio-waste
digestion plant on the Zurich-Werdholzli site. Several subprojects supported the experimental investi-
gations and helped to focus the experiments.

One of the subprojects dealt with the question of the potential of suitable biogas plants in Switzerland
which are suitable for direct methanation of biogas (Power-to-Gas). The focus was, on one hand, on
existing waste water treatment plants (WWTP) and on the other hand on industrial biogas plants,
which are digesting green waste. Agricultural biogas plants were not the subject of this analysis. The
most important results from this subproject are that the largest potential of units are plant with an av-
erage size of 200 m? of biogas per hour (11 GWh/a). There is a potential of 39 plants of this size in
Switzerland.

A further subproject was the techno-economic assessment of several concepts for "direct methanation
of biogas" for the plant size of 200 m? of biogas per hour. Various catalytic methanation processes
were analysed with two different ways of hydrogen removal (membrane versus two-stage methana-
tion). On the basis of this study, the concept of fluidised-bed methanation with a downstream hydro-
gen membrane was further investigated, as this concept is more flexible in the operation of a commer-
cial plant.

The pilot plant COSYMA was built at PSI in 2016 for the long duration experiments. On the ESI plat-
form the plant was commissioned and a first series of scientific methanation test were performed. In
January 2017 the plant was installed on the Zurich-Werdholzli site close to an existing biogas upgrad-
ing plant and connected to the gas grid.

In a further subproject, sorbent based gas cleaning was reviewed. Promising sorbent materials were
selected and tested in the laboratory and integrated into the pilot plant COSYMA. For the continuous
documentation and monitoring of the long-duration test with the pilot plant, improved gas diagnostic
systems were successfully implemented (mGC, liquid quench system). This way, it could be detected
at an early stage if impurities such as H,S, dimethylsulphide (DMS) or siloxanes were no longer suffi-
ciently removed by the gas purification.

In the first half of 2017, the 1°000 hour long-time experiment was successfully carried out in Werdholzli
with a single catalyst charge. The predicted gas quality of the methanation was reached. The experi-
mental results of fluidised bed methanation and gas cleaning can be scaled up from the COSYMA
scale to that of an industrial plant of 200 m® biogas per hour.

Outcomes of the project have been regularly reported in journals and on events. Within the scope of
this long-duration experiment, the project was also presented to an interested public.
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Overall Project Objectives

A new Power-to-Gas technology is validated in collaboration between PSI and Energie360°. By way of
direct methanation of biogas, the CH, yield from biogas can be considerably increased. For this
purpose, H, is added in a test facility to the biogas from the sewage treatment plant as well as from a
bio-waste digestion plant on the Zurich-Werdholzli site. The CO, in the biogas is converted by way of
fluidized bed methanation to biomethane (see Figures 1 and 2). With this technology, conventional
biogas upgrading plants separating CO, can be substituted.

CH,, CO,, (Hy) .. CO, + 4 H, === CH,+2 H,0

Biomass Prim. conv. Gas cleaning Methanation E‘ biomethane
r H,0

El. energy —>|

H,

Figure 1: Block flow diagram of Power-to-Gas by way of "direct methanation of biogas".
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Figure 2: Simplified system schematic for integrating the test facility “COSYMA” into existing system.

The goal of this R&D project is providing technical and economic evidence for this technology at a
Technology Readiness Level (TRL) of 5. The following main results are expected with this project:

e Key information about the economics and operation of an industrial installation for direct
methanation of biogas

e Development and testing of essential process steps such as gas cleaning and methanation, of
their technical integration into a complete system and the operation of these two units as a
basis for the design of a system at TRL 7-8

e Experimental demonstration of gas cleaning and methanation at TRL 5, under real conditions
in a long-duration field experiment from a slipstream of the biogas produced at Werdhdlzli.
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For the long-duration tests of direct methanation of biogas, experimental infrastructure must be built
and put into operation. The required infrastructure consists mainly of three units:

12/78

Gas sampling and analysis techniques for the main components and contaminants (Sulphur,
siloxanes, terpenes), which is suitable for unmanned operation in the field

Small sorbent test bed for accelerated breakthrough tests under synthetic (in house, TRL 2-3)
and real biogas conditions (in field, TRL 4)

Methanation installation integrated with gas cleaning, "COSYMA", (TRL 4-5) for long-duration
field testing.
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Analysis of biogas potential for PtG

The assessment of the technical potential should answer the following questions:
* What potential exists in Switzerland to increase the production volume of bio-methane in a
conventional biogas plant by using PtG?
*  Which plant size is suitable for the integration of PtG into wastewater treatment plants or in-
dustrial biowaste digestion plants in Switzerland?

The potential number of additional plant sites in Switzerland is calculated, along with the correspond-
ing potential for additional yearly production of renewable gas. The Analysis is based on the Swiss
statistic of total energy [1] and renewable energy [2] and was adapted and verified with own experi-
ence and data of various studies [3, 4, 5, 6]. The aim is to define a plant size which is representative
for an application at wastewater treatment plants (WWTP) and biowaste digesters in Switzerland.

In Switzerland, the proportion of biomethane in the natural gas grid has steadily increased over the
last few years thanks to injections of gas produced by anaerobic digestion. In 2015, 262 GWh (HHV
basis) of biomethane were injected into the Swiss gas grid [7]. This corresponds to 0.8% of the current
gas consumption in Switzerland. In order to cover the steadily growing demand for biomethane from
Swiss consumers, additional biomethane must already be imported from abroad today. The Swiss gas
association aims to achieve 30% of renewable Gas of the total gas consumption for heating purposes
by 2030.

If the CO, contained in the raw biogas at these existing biomethane injection sites was not separated
as usual, but was instead methanized with renewable H,, 180 GWh (HHV basis) of additional bio-
methane could be produced each year. However, the existing biogas processing systems would have
to be modified. Such a modification of the existing Swiss biomethane production plants would be real-
istic over the next 15 years as the plants get renewed. For the operation of these plants (mainly the
production of the required hydrogen for the methanation process) an amount of 300 GWh/a electri-
cal energy would be required.

In addition to the plants with existing biomethane injection systems, there are many more plants in
Switzerland that today produce electricity and heat using a gas engine in combined heat and power
(CHP) plants. As a result of existing feed-in tariffs for electricity (KEV/RPC), a large proportion of the
raw biogas generated today in Switzerland is directly converted in CHP plants. However, the produced
renewable electricity is then injected into the electric grid and cannot be stored. In addition, a consid-
erable portion of the heat produced in this application is lost through cooling systems, particularly in
the summer months when heat is not needed. Part of this lost potential could be recovered by produc-
tion and injection of biomethane if a gas network was available in the vicinity. In Switzerland, an addi-
tional 570 GWh per year (HHV basis) of raw biogas could be recovered from all wastewater treatment
plants or green waste digesters currently producing at least 3 GWh of biogas. If this raw biogas was
not combusted in a gas engine, but converted into grid-injectable methane by a Power-to-Gas tech-
nology using renewable hydrogen, an additional 385 GWh of biomethane could be produced from
conversion of the CO,. Therefore, in total an additional 955 GWh per year of biomethane could be
produced from existing CHP plants. An investment in the replacement process for this transformation
is also realistic in the next 15 years, for a large part of installations that currently generate electricity.
For the operation of these modified plants (mainly the production of the required hydrogen for the
methanation process) an amount of 640 GWh/a electrical energy would be required.

Through these measures, the rate of grid injection of biomethane in Switzerland could increase by
more than fivefold — from 262 GWh to 1.4 TWh/year. This corresponds to an increase in the share of
13/78
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renewable gas in the gas network to 4% of the current gas consumption in Switzerland. This increase
solely would be realised by the conversion of existing plants to PtG using the same amount of availa-
ble biomass. It would be a major step in direction of the target given by the Swiss gas association.

Table 1: Biomethane potential of all plants in Switzerland with >3 GWh per year of biogas production.
(data 2015)

Existin Potential, Potential, Potential,
Potential analysis bio—CHi adding PtG new bioCH, | new bioCH, | Total
rid iniec- at existing injection injection potential
in GWh/year (HHV) tgion J bioCH, (conven- (PtG in- through PtG
plants tional) crease)
WWTP 150 100 460 310 410
Biowaste-Digestion 112 80 110 75 155
plants
Total 262 180 570 385 565

The biomethane potential in Switzerland is described in Table 1. This increase solely would be
realised by the conversion of existing plants to PtG using the same amount of available biomass.
Table 2 includes nearly 100 plants. The largest proportion (64 plants) are located at wastewater treat-
ment plants which do not have yet a gas grid injection systems today, but instead produce electricity
from the produced biogas (CHP plants).

Table 2: Biomethane potential, in number of installations with >3 GWh per year of biogas production.
(Data 2015)

Potential analysis

in number of plants

Existing bioCH, grid
injection

Potential, new bioCH,
injection

Total potential
through PtG

WWTP 15 64 79
Biowaste-Digestion 8 9 17
plants

Total 23 73 96

The potential plants (WWTP and anaerobic digestion plants) were divided into three typical plant siz-
es: plants with a raw biogas production per year of (1) less than 5 GWh; (2) between 5 and 15 GWh,
and (3) greater than 15 GWh. The resulting number of installations for each size is shown in Table 3.
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The greatest potential with regard to the number of plants is for plants with less than 5 GWh per year
of biogas production (HHV basis). The greatest potential with regard to the raw biogas production is
for plants in the range of 5 — 15 GWh per year. Since the focus is on a balance of the biomethane total
production volume and the number of realizable plants, the middle range (5 — 15 GWh) was consid-
ered in the economic analysis.

Table 3: Biomethane potential (number of plants and raw biogas) for three representative plant sizes.

Plant size
<5 GWhlyear 5 - 15 GWhlyear > 15 GWhlyear

(HHV)

GWhlyear GWh/year GWhlyear
in GWh/year Number of Number of Number of
(HHV) plants Total with plants Total with plants Total with

PtG PtG PtG
WWTP 42 262 30 428 7 330
Blowaste Diges- | 31 9 158 3 188
tion plants
Total 47 293 39 586 10 518

Summary of chapter

Converting all potential biogas plants (existing biomethane injection plants and plants currently pro-
ducing electrical power) with the PtG technology and gas grid injection could increase the renewable
gas production by more than fivefold — from 262 GWh to 1.4 TWh/year. To realise this, the amount of
940 GWh/a electrical power (mainly the production of the required hydrogen for the methanation
prozess) would be required.

References for chapter “Analysis of biogas potential for PtG from WWTP & green waste AD”

[1] BFE (2015), Schweizerische Gesamtenergiestatistik 2014
[2] BFE (2015), Schweizerische Statistik der Erneuerbaren Energien-Ausgabe 2014
[3] BFE (2010), Strategie zur energetischen Nutzung der Biomasse in der Schweiz

[4] BFE (2015), Thermische Stromproduktion inkl. Warmekraftkopplung (WKK) - Ausgabe 2014

[5] Energie360, Potenzialanalyse (not public).

[6] Triple E&M, ZHAW (2016), Meta Studie Inlandisches Biogaspotential der Schweiz, 2016 (not
public).

[7] VSG (Mérz 2015), Biogas-Anlagen mit Einspeisung ins Erdgas-Netz
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Technical system analysis

In order to explore the technical feasibility of the concept "direct methanation of biogas" in detail, pos-
sible PtG process designs, integrated in a biogas plant serving as upgrading unit, are simulated and
evaluated in terms of product quality and cost effectiveness. For this, two different methanation tech-
nologies, Bubbling Fluidized Bed (BFB) and Fixed Bed (FB), are considered and combined with further
upgrading methods, i.e. second methanation step or membrane with hydrogen recycle.

In order to determine optimal operation conditions, which lead to target concentrations in the bio-
methane, the behaviour of single units as well as the interplay of the units in the flowsheets was inves-
tigated. A commercial scale (TRL 7/8) plant is considered with a biogas input of 200 Nm3/h. For this
size, the methanation reactor and the up-grading unit are modelled in detail, while for the remaining
units, thermodynamic short-cut- models have been applied. This resulted in a good estimate of the
design of different units (reactor size, compressors etc.) and the mass and energy flows, which forms
a basis for appropriate cost calculation.

The process concepts investigated in detail are shown below:

Process | (BFB only: Bubbling fluidized bed with Drying as upgrading)

Main methanation | Condensation - Drvi
™ unit (fluidised bed) gLt oLt > ying >
lwater ¢Water
Process Il (BFB-FB: Bubbling fluidized bed with Fixed bed as upgrading)
Main methanation . 2" Methanation
—> . L > > > i
unit (fluidised bed) Condensation unit (fixed bed) » Drying —»
¢water ¢ water
Process Il (BFB-Memb: Bubbling fluidized bed with membrane as upgrading)
Main methanation .
—p > » Membrane |—»
unit (fluidised bed) » Condensation

¢ water ¢

hydrogen recycled
to main reactor

Process IV (FB-Memb: Fixed bed with membrane as upgrading)

Main methanation

unit (fixed bed) Membrane —»

¢ water l

hydrogen recycled
16/78 to main reactor
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Process Design and Modelling Procedure

Rigorous process models were developed for the gas upgrade of biogas from anaerobic digestion to
bio-methane within the PtG concept on the base of the scheme described above. The software prod-
ucts Athena Visual Studio® and Matlab® are used for the implementation.

For the Fixed bed (FB) and the Bubbling fluidised bed (BFB) model, rate-based models are imple-
mented with kinetic data and correlations for heat and mass transfer from literature and own research.
The fixed bed reactor is described by a pseudo homogeneous one-dimensional model of a multi-
tubular reactor. The bubbling fluidised bed is represented by the two-zone one-dimensional model
developed at PSI in previous work (Kopyscinski, Schildhauer, Biollaz, 2011). Both reactors are cooled.
The overall reaction is highly exothermic (- 165.12 kJ/mol), which results in high demands on the heat
exchange performance of the reactor. The membrane performance is determined by a rate-based two
stage model. All other unit operations are calculated by short-cuts or thermodynamic models.

Two independent chemical equations are considered; the fully reversible water gas shift (Equation 1)
and the methanation reaction (Equation 2):

CO,+Hy & CO+H0 A% = +41.16 —— (1)
3H, +CO © CHy +H,0  Ah%q = —206.28 — )

Both reactions are influenced by thermodynamic equilibrium.

Four different processes were developed where different methanation technologies and further up-
grade units are included. In all models, the state-of-the-art gas cleaning for removal of sulphur species
etc. unit is not included (as it does not change the main gas composition), but it is considered in the
economic analysis. The processes operate in steady-state mode. The purpose of the biogas upgrade
processes is the production of bio-methane injectable into the existing gas grid in Switzerland. Hence
the produced bio-methane must fulfil the gas grid requirements, listed in Table 4. The process con-
cepts with membrane or 2" methanation unit reach this defined product gas quality, whereas the pro-
cess concept comprising only the once-through fluidised bed methanation with water removal by con-
densation and drying, is considered to show which savings would be possible if lower methane and
higher hydrogen content were accepted for injection.

Table 4: Gas grid requirements of Switzerland and Germany for main components issued for the
simulation (Schweizerischer Verein des Gas- und Wasserfaches (SVGW), 2016), (Deutscher Verein
des Gas und Wasserfaches, 2011, 2013).

Components Requirements

Methane CH, = 96 vol%

Hydrogen H, < 2vol%

Carbon Dioxide CO, < 4 vol%

Water Dew point at — 8 °C at pressure level of injection

point of the gas grid
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The inlet volume stream is fixed at 200 Nm®/h, which represents a medium size biogas plant. The inlet
composition of biogas is set to 40% carbon dioxide and 60% methane, which represents the maximum
amount of carbon dioxide in the biogas plant.

Upgrade process via two-stage methanation (Process concept BFB-FB)

Cleaned biogas is compressed to operational pressure (up to 7 bara). Then steam, provided by an
evaporator and hydrogen is mixed to the raw biogas at operational pressure. Hydrogen and oxygen
are produced via electrolysis out of water at 30 bar, whereas oxygen may be stored in bottles for sell-
ing purposes. Hydrogen is hold by a tank for further processing. The added steam prevents the cata-
lyst in the next step from deactivation. After a preheating step, the gas mixture is entering a bubbling
fluidized bed methanation (concept BFB-FB) where carbon dioxide together with hydrogen is convert-
ed to methane and water over a nickel catalyst.

Bio-methane

Condenser

Water Oxygen

Temperature

swing
adsorption

Electrolysis

Hydrogen v
Condenser (
First Second gasgrid
1 methanation methanation
(BFB) (FB)
Cleaned biogas
Evaporator Regeneration gas

A ad

Figure 3: Flowsheet for the upgrade process of biogas via two-stage methanation (process concept Il
BFB-FB); the process concept | (BFB only) is similar, but omits the 2" methanation and the second
condenser

After leaving the BFB reactor, the gas stream is cooled down to 20°C in a condenser unit, where the
added steam and water formed during the reaction is separated from the gas down to saturation con-
centration. Because the gas stream is not fulfilling the gas grid requirements after the first stage of
methanation, further upgrading is needed. Due to the water separation, the thermodynamic equilibrium
is influenced towards the product side.

Therefore, a second stage methanation was implemented, where the remaining carbon dioxide to-
gether with the remaining hydrogen is converted to methane (Equation 1 and Equation 2) in a fixed
bed reactor until product quality is reached. Again, during the reaction water is produced. It is separat-
ed in a subsequent condenser unit down to saturation concentration at 20°C and operational pressure.
For the injection into the gas grid the gas stream must be technically free of water, which means a
dew point of -8°C at injection pressure must be reached. For that reason, a dryer unit is necessary,
which is realized via temperature swing adsorption (TSA) technology. As drying agent silica gel is
used. A part of the product gas is used as regeneration gas to ensure product purity, which is about
10% of the whole stream (Tentarelli & Gibbon, 2011). It is not possible using air as regeneration gas
because of the contamination of the product gas with oxygen and nitrogen, while switching desorption
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and adsorption vessels. In order not to lose 10% of the product gas and to avoid emissions of me-
thane, the saturated regeneration gas is redirected to the biogas stream as recycle loop. The dried
product gas stream is compressed or expanded to the pressure level of the injection point of the gas
grid, which is dependent on the site and varies between 5 bar (low pressure transportation grid) and
0.02 — 0.1 bar (distribution grid) (Verband der Schweizerischen Gasindustrie (VSG), 2015).

Process concept | Bubbling fluidised bed methanation and drying (BFB only)

This simpler process scheme comprises only a single step methanation and water removal as upgrad-
ing. It therefore resembles the one with 2" methanation unit; just the 2" methanation unit and the 2™
condenser are omitted.

Upgrade process IlI/IV via methanation and H,-membrane (BFB-Memb, FB-Memb)

The first part of the process until the first condenser is similar to the flowsheet in figure 3. The model
BFB-Memb differs from model of the previous section by the processing of the remaining hydrogen
after the main methanation unit and the subsequent condenser (see figure 4). Here the remaining
hydrogen is separated from the product gas stream by a hydrogen membrane and is recycled to the
methanation unit. Remaining water in the gas stream is condensed at 20 °C and membrane pressure.
The gas stream passes the hydrogen membrane, where hydrogen and water, but also part of methane
and carbon dioxide are separated from the product stream bio-methane. The bio-methane stream is
technically free of water and does not need further drying. The recycled hydrogen stream is mixed with
the biogas stream and compressed again to the operational pressure in order to be fed into the
methanation reactor. The pressure of the product gas stream is adjusted by mean of a pressure con-
trol valve to the gas grid pressure level.

Condenser Bio-methane

-
P
Electrolysis ) Water Hydrogen
membrane
Hydrogen - A 4
First (G
methanation gas grid
y (BFB or FB)

Cleaned biogas

Evaporator

Hydrogen recycle

Figure 4: Flowsheet for the biogas upgrade via methanation and hydrogen membrane (process con-
cepts Il (BFB-Memb) and IV (FB-Memb))
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Modelling and Simulation Results

Isothermal fluidised bed as main reactor

The performance and geometry of the fluidised bed methanation reactor (BFB) depends on pressure
and temperature as well as on fluidisation conditions and heat dissipation performance for isothermal
conditions. In figure 5 and 6, the influence of the operational conditions to the reactor geometry is illus-
trated. The ratio of gas velocity and minimal fluidisation velocity u/u. is set sufficiently high for a suffi-
cient particle movement. The particle movement ensures isothermal conditions over the height of the
reactor, as well as a regeneration of catalyst particles, transported from areas with high catalyst stress
and heat generation to areas with low catalyst stress and heat generation, respectively. The inlet vol-
ume stream is constant.

In order to meet the fluidisation number u/uy the reactor diameter is adjusted, also depending on the
pressure and temperature in the reactor. With higher pressure, the volume flow of the gas decreases,
hence the diameter must decrease to ensure the same velocity of gas inside the reactor. Higher tem-
peratures require a bigger diameter, due to the volume increase. Therefore, the diameter of the reac-
tor is influenced by the fluidisation number u/u, as well as by temperature and pressure. The heat
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Figure 5: Influence of temperature and pressure to the  Figure 6: Performance of the fluidized bed reactor
reactor geometry of the fluidized bed reactor over temperature and pressure

exchange area inside of the reactor and with that the height of the reactor is determined by the maxi-
mum of released reaction heat assuming 100% conversion. The heat has to be dissipated to operate
isothermally, which requires a corresponding heat transfer area. Over the pressure, the heat transfer
area is set constant, because of the constant inlet flow and therefore the constant maximum heat gen-
eration. But the area decreases with higher temperatures, due to the increasing temperature differ-
ence between the reactor and the cooling agent, which results in improved heat transfer. In figure 7
the yield of methane over temperature and pressure in the fluidised bed reactor is illustrated. For eve-
ry temperature and pressure, the corresponding adaptions in the geometry of the reactor are made.
The diagram shows that the graphs of the corresponding pressures form maxima. Hence, for every
pressure an optimal temperature exists, where the yield of methane is at maximum. This can be ex-

plained by the activity of the catalyst and the thermodynamic equilibrium. The activity is increasing and
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the thermodynamic equilibrium of the reaction is decreasing with higher temperatures. At lower tem-
peratures, the reaction cannot reach thermodynamic equilibrium because of the low activity of the
catalyst. With increasing temperatures, the catalyst become more active until thermodynamic equilibri-
um can be reached at the corresponding temperature. This point forms the maximum. At higher tem-
peratures, the yield is decreasing together with the thermodynamic limit of the reaction. The maximum
yield first is moving with higher pressures until 6 bara towards lower temperatures. With further in-
crease of pressure, the maximum vyield is shifted towards higher temperatures. Here changing pres-
sure and hydrodynamic behaviour, caused by the geometry adaptions, are influencing the reaction.
With lower pressure until 6 bara, the pressure is the dominant effect; above 6 bara hydrodynamic ef-
fects are prevalent. With increasing pressure, the reaction is faster and reaches therefore at lower
temperature the thermodynamic limit. Above 6 bara, hydrodynamic effects become more important,
caused by the adaptions to diameter and height of the reactor. Now, more gas stays in the bubble
phase, hence the reaction is limited more strongly by mass transfer from the bubble into the dense
phase. The reaction is slowed down and reaches the thermodynamic limit only at higher temperatures.
Between 1 and 6 bara, an increase of the maximum yield for methane is apparent. Then, with further
increasing of the pressure, no significant improvement of the yield is obtained. The maximum vyield is
about constant between 6 bara and 12 bara at 94% for the assumed feedgas composition (i.e., the
chosen ratios of H,/CO,, H,O/CO,, CO,/CHj,, etc.).

Cooled fixed bed as main reactor

In Figure 7, concentration profiles of the main components H,, CH,4, and CO, over the length of the
main fixed bed reactor for different pressures are illustrated. Increased pressure in the reactor results
in a steeper increase of methane concentration due to a faster conversion of carbon dioxide to me-
thane over the reactor length. Also the outlet concentration of methane is slightly higher for increased
pressure, which is expected from thermodynamics and Le Chatelier’s principle, because the reaction
in mole reducing. The increased reaction extent due to increased pressure is also reflected in the cor-
responding temperature profiles. Here temperature peaks are formed in the area with the highest re-
action extent. Then, over the length of the reactor, the temperature is falling again due to cooling. The
maximum peak temperature is increasing with the pressure. The pressure also influences the heat
transfer properties of the reactor, reflected in the overall heat transfer coefficient.
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Figure 7: Concentration profiles of main components and corresponding temperature profiles for dif-
ferent pressures (Tcoo = Tin FB - 30K, Vyiggas = 200 Nm®/h, H,/CO, = 4.03, H,O/CO, =0.5)

Despite cooling, in the main fixed bed reactor hot spots at beginning of the reactor up to 700°C are
formed. Then the temperature decreases faster for increased pressure over the reactor length, due to
increased overall heat transfer for higher pressures. Before the temperature peak in the reactor, the
reaction is determined by kinetic effects. Downstream of the peak, thermodynamic equilibrium sets a
limit for the conversion of carbon dioxide to methane. The concentrations of the components follow the
equilibrium composition at the corresponding temperature. (With decreasing temperatures over the
reactor length, more CO, conversion becomes possible, due to more beneficial thermodynamic condi-
tions.) This means the length of reactor is also determined by the cooling performance in order to
reach thermodynamically beneficial temperatures inside the reactor. As a result, fluidized bed reactors
are usually smaller due to the significantly better heat transfer caused by the movement of the catalyst
particles.

Process performance of two-stage methanation (process concept Il, BFB-FB)

In process concept Il, the yield in the bubbling fluidised bed (BFB) shall be maximised to ensure low
heat production in the subsequent fixed bed (FB) reactor. Figure 8 showed that this target does not
determine the operational conditions in the BFB, because the same maximum yield for different pres-
sures was reached. Economic considerations lead to an optimal pressure for this process layout. The
ratio of added hydrogen from electrolysis and carbon dioxide from raw biogas can be set only slightly
over-stoichiometrically with 4.03 at maximum, because otherwise the upper limit of hydrogen in the
product gas cannot be reached. This procedure makes it necessary to adjust the hydrogen flow per-
manently to the carbon dioxide fraction in the raw biogas, which may fluctuate over time, especially in
anaerobic digestion of green wastes. In order to prevent catalyst deactivation, evaporated water is
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added to the reactor with a water-to-carbon dioxide ratio of 0.5. The system pressure was varied be-
tween 6 and 20 bar. With a certain pressure, the temperature and the geometry of the BFB are de-
fined to reach the maximum yield of methane. Also the fixed bed is pre-defined by the pressure, which
sets the necessary length of the reactor with constant diameter to reach gas grid requirements. In
figure 8, the concentration profiles of methane, hydrogen and carbon dioxide over the length of the
fixed bed reactor are illustrated. Methane must exceed the limit of 96% and hydrogen must fall below
the limit of 2%. For high pressures the reaction is faster, which results in a steeper increase of me-
thane and a steeper decrease of hydrogen concentration, so that a shorter length is sufficient to reach
the desired concentrations. The higher activity of the reaction is also visualized by the temperature
profiles, which corresponds with the development of reaction heat. The increase of the temperature for
high pressures is much steeper than for low pressures. Low pressures result in a longer reactor,
hence a bigger amount of catalyst mass is needed. It can be seen as well, that the requirement for
methane can be reached with less catalyst than the requirement for hydrogen; hence the bigger issue
is to fall below the 2% limit of hydrogen than to reach 96% methane concentration.
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Figure 8: Concentration profiles of carbon dioxide, hydrogen and methane over the length of the sec-
ond-stage fixed bed reactor for different pressures and corresponding temperature profiles; further
conditions: Hy;,/Co,, = 4.03, H,O/CO; = 0.5, diameter fixed bed = 0.44 m, T o0 rs=20°C

With the hydrogen-carbon dioxide ratio of 4.03, hydrogen conversion of more than 99% must be
reached to fall below the upper limit of hydrogen. This high conversion is only achievable with a cool-
ing of the fixed bed reactor, so that the temperature stays in a range favourable for thermodynamic
equilibrium. The reactor is cooled at the shell of the reactor tube, which is sufficient because only
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small amounts of reactive gas are left after the fluidized bed methanation, so that the heat generation
is moderate.

The next figure (Figure 9) shows a flow diagram for energy flows and mass flows. It shows the electric-
ity consumption which is dominated by the electrolysis which needs 70-75 times more electricity than
the compressor. Further, the water consumption and production are shown as well as the heat produc-
tion from electrolysis, reactor cooling and condensation of steam produced during methanation. The
recycled methane stream stems from the regeneration of the temperature swing adsorption.
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Figure 9: Flow diagram for energy flows and mass flows for process concept Il (BFB-FB) with two
stage methanation at 7 bara, applying isothermal fluidised bed methanation for the main reactor and
cooled fixed bed methanation for the upgrading reactor.

Process performance of single-stage methanation (process concept I, BFB only)

The simplified process which consists of only one bubbling fluidised bed reactor and water removal
shows a relative similar Energy and Mass flow diagram (Figure 10) as the two stage methanation. In
most aspects, similar numbers are reached (amount and temperature level heat removal, electricity
consumption etc.). Only the final gas composition differs strongly, as now around 2% CO, and up to
10% hydrogen are obtained in the biomethane which allows only restricted injection into the gas grid
according actual net injection specifications. Again, part of the methane is recycled during the regen-
eration of the TSA drying section.
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Figure 10: Flow diagram for energy flows and mass flows for single stage methanation at 7 bara (Pro-
cess concept |, BFB only), applying isothermal fluidised bed methanation and only drying for gas up-
grading

Performance of methanation and upgrading by H,-membrane (process concepts Il and IV, BFB-
Memb and FB-Memb

In these two process concepts, two parameters determine the other process conditions. The first pa-
rameter is the pressure existing in evaporator, fluidised bed and subsequent condenser. The second
parameter is the H, - CO, ratio in the feed (H,/CO,)reeq, Which is different to the ratio (H,/CO,)geg in the
methanation reactor due to the recycle stream of hydrogen. All variations where made such that the
process produces biogas with the desired quality. For the membrane, a one-dimensional rate-based-
model is implemented. In Figure 11, the hydrogen mole fraction falls below the 2% limit with corre-
sponding pressure and membrane area such that the gas grid requirements regarding hydrogen are
fulfilled. In this case, methane and carbon dioxide diffuse in bigger amounts through the membrane
and reach a fraction of more than half of the hydrogen recycle stream. Further, all steam is fed
through the membrane and recycled to the reactor, which allows to omit the temperature swing ad-
sorption drying and the according costs. Further, the hydrogen recycle decouples the H,/CO, ratio in
the reactor from that at the reactor inlet, i.e. higher hydrogen content can be supplied in the reactor
(where it is needed) while overall less hydrogen is necessary. Therefore, the membrane based pro-
cesses can operate with a just or even slightly understoichiometric hydrogen content which saves
some hydrogen compared to the process concepts without H, recycle.

The correct calculation of the membrane and hydrogen recycle is a challenge, as the prediction quality
depends completely on the properties given in literature. Using different parameters from various arti-
cles, relatively large recycle streams are found, which do not fit well to preliminary information given by
membrane suppliers. Therefore, for correct membrane representation in the models, own measure-
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ments with the targeted membrane are necessary that should be conducted in follow-up activities.
Especially, it is necessary to determine the permeability and selectivity of the membranes for hydro-
gen, CO,, steam and hydrogen as function of the concentrations for the desired pressure range. With
these parameters, the real value of the recycle flow and its composition can be calculated. Further, the
real cost optimum is found between elevated pressure within the membrane (which decreases capital
cost for membrane area) and the connected costs of the compressor, be it higher operation costs due
to the higher pressure level change, be it the costs for a second compressor for the membrane unit.

Based on the information from a membrane supplier (private communication), an estimated flow dia-
gram is presented in Figure 11 that gives an indication of the realistic recycle ratio. Again, it can be
seen that injectable gas quality can be reached. For the energy flow diagram, hardly any differences
between fluidised bed or fixed bed methanation in the main reactor can be found because both reactor
types are limited by thermodynamic equilibrium while the membrane properties dominate the rest.
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Figure 11: Flow diagram for energy flows and estimated mass flows for single stage methanation and
membrane upgrading at 7 bara (process concepts Il and IV, BFB-Memb and FB-Memb); As both
methanation reactors (BFB and FB) are limited by thermodynamics, no significant differences are visi-
ble in the energy and mass flow diagram.

Comparison

In process concepts Il and IV (BFB-Memb and FB-Memb), it is possible to adjust the product gas
quality in terms of the ratios of hydrogen, methane and carbon dioxide. The feed of hydrogen to the
overall system can be decreased to stoichiometric conditions, while in the two stage methanation and
single BFB rector without H, recycle, the H,/CO, ratio is minimum 4.03. From the technical analysis, it
was found that all processes with upgrading fulfil the gas grid requirements. Only the process concept
without further upgrading leads to high hydrogen contents in the biomethane. Table 5 shows important
parameters of the four processes indicating only moderate differences. As operation and capital costs
of the electrolysis have the biggest impact on the costs, process concepts Il and IV (with H,-recycle,
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BFB-Memb and FB-memb) has the potential to be more profitable because of H, saving potential.
Further, the two other processes are less robust, because they require permanent adaption of hydro-
gen to maintain the optimal ratio with respect to carbon dioxide in the feed to avoid too low hydrogen
to CO, ratios. This is especially important when the CO,-content in the biogas is not constant. This is
the case e.g. for plants digesting bio-wastes where the CO, content may change between 40% and
50% within hours. Therefore, methanation in combination with H,-membranes is considered the most
promising concept with a reactor pressure of around 6 bar and a temperature of around 350-360°C.

Table 5: Important parameters of the four processes investigated

BFB only BFB-FB BFB-Memb FB-Memb
Parameter Einheit
H2/CO2 ratio - 4.03 4.03 4.00 4.00
Druck in Methanisierung bar 7.00 7.00 7.00 7.00
Umsatz CO2 im Gesamtprozess % 95.00 99.50 98.90 98.80
Methanausbeute im Gesamtprozess % 92.40 99.40 98.70 98.70
Umsatz H2 im Gesamtprozess % 93.50 98.80 98.70 98.70
spezif. Leistung Kompressor Biogas kWh/Nm3 Biogas 0.09 0.09 0.22' 0.22
spezif. Nutzbare Reaktionswarme kWh/Nm3 Biogas 0.64' 0.62 0.61 0.61
spezif. Nutzbare Kondensationswarme kWh/Nm3 Biogas 0.68' 5 0.82 0.81
Modell Einstellungen Einheit nur BFB BFB +FB nach BFB + H2 Mem, 1 Kompr FB+Mem
pMeth bar 7 7 7 7
Tmeth °C 365 360
pMem bar 7 7
H2/C02 - ) . 4
Lange 2. FB m
Temperatur 2.FB °C
Lange 1.FB m

Anzahl Rohre a 15mm, 1. FB

Summary of chapter

Four different process concepts were modelled in detail to obtain mass and energy balances for an
industrial size plant of 200 m* biogas per hour. From the technical analysis, it was found that all pro-
cesses with upgrading fulfil the gas grid injection requirements. As operation and capital costs of the
electrolysis have the biggest impact on the costs, process concepts with membrane and H, recycle
have the potential to be more profitable because of H, saving potential. Nevertheless too low hydro-
gen to CO, ratios lead to deactivation of the methanation catalyst. Therefore the fluidised bed reactor
with membrane is more robust and flexible during commercial operation, as there is no need for per-
manent and precise adaption of hydrogen addition in order to maintain the optimal ratio with respect to
carbon dioxide in the feed gas.
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Economic analysis of biogas PtG

The economic analysis should answer the following questions:

*  What are the main cost drivers (investment and operating costs)?

+  Are specific investment and operating costs comparable to a conventional plant?

« Can a Power-to-Gas plant be operated economically?

« What are optimal operating conditions for the plant when the raw biogas is continuously
produced in the WWTP or the biowaste digestion plant?

*  Which gas (raw biogas or H,) can be stored more economically?

+  Which maximum electricity costs (including grid fees and charges) are acceptable for an
economic operation?

Compared to natural gas today, biogas has an ecological added value as well as higher production
costs. The resulting higher price for biogas is fully accepted by the customers who demand an energy
source with a low CO, footprint. However, biogas is exempt from the mineral oil tax and the CO, tax.
Under these conditions, today's conventional biogas processing plants can be operated without state
subsidies. In the economic analysis, the conventional process is therefore used as the benchmark to
compare a Power-to-Gas plant. An analysis is done to determine whether it is possible to operate the
PtG plant with comparable or even lower investment and operating costs per kWh product gas. Only if
this condition is met, the substitution of a conventional biomethane production plant with a PtG plant
would then be economically justified. The cost data is based on published data for electrolysers [6, 7]
and various studies and literature [1-4] and adapted with own experience and builds the basis of the
cost database [5] for the model.

Since 2016, the exemption from mineral oil tax and CO, tax has also been applied to renewable me-
thane (analogously to biogas). This is valid as long as the hydrogen is produced from renewable ener-
gy sources, and the CO, does not have an origin from processes that explicitly produce CO, only for
methanation. Based on these conditions, synthetic methane is equated with today's biogas. It is there-
fore assumed that the market price to be reached by biomethane with conversion of CO, will then be
identical to the prices for conventional biomethane from biogas.

Accordingly, an estimation of 10 to 12 Rp/kWh was chosen for grid-injectable biomethane at the outlet
of the production plant and before distribution, trading and sale. In addition to the energy price of the
gas without the mineral oil tax and CO, tax, this price also includes the ecological added value. This is
a rather optimistic assumption as the biogas market also becomes more competitive. It is to be ex-
pected that this value will decrease in the future.

A plant size of 200 Nm? of raw biogas per hour was defined for comparing the Power-to-Gas plant to a
conventional biogas upgrading plant. This is a typical plant size for Switzerland and corresponds to
approximately 11 GWh per year in the case of continuous conventional production. Depreciation over
15 years and an interest rate of 5% were used for both cases.

Capital costs

By using the CO, from raw biogas in the PtG process, the biogas production can be increased to
160%. The investment costs of the PtG plant increase to 190% compared to the conventional plant.
Consequently, the specific investment costs per kWh are slightly higher, but not so much higher that a
business case would be unthinkable. In figure 12 the breakdown of investment cost and in figure 13
the itemised portion of the total plant cost is shown in a comparison for conventional biogas pro-
cessing plant and a power-to-gas plant For biogas processing plants actual cost level and for PtG
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plants estimated cost of a near future commercial plant were considered (Costlevel 2020). In the long-
term future, the investment costs of the power to gas technology is expected to drop markedly, espe-
cially with increasing scaling.

CAPEX
Fr
5'000'000
4'500'000
4'000'000
3'500'000 B Gasline and Injection 5ation
- ; .
2'000'000 Planning and Ciwvil
¥ Gascleaning Station
2'500'000
B Rawgas Storage
2'000'000 = Methanation
Gas-Upgrading-Plant
1'500'000 g
= Hectrolyzer
1'000'000
So0'000
Biogas Power to Gas
Figure 12: Investment cost comparison (conventional biogas processing plant vs. a power-to-gas
plant)
Conventional Biogas-Upgrading-Plant Power to Gas Plant
Operation Sceanario continuous operation Operation Sceanario continuous operation
Elektrolyser nMw - Elektrolyser MW 1.4
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w Gas-Upgrading-Plant u Methanation
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 Rawgas Storage B Rawigas Storage
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u Gascleaning Station u Gascleaning Station
- = H2 Separation
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Figure 13: Itemized portion of total Investment cost comparison (conventional biogas processing plant
VS. a power-to-gas plant)
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The specific investment costs per kWh based on continuous plant operation over 15 years:

- 2.2 Rp / kWh Conventional gas processing plant

- 2.5 Rp / kWh PtG system
The main contributors to capital costs are electrolysis, methanation, construction / planning and gas
purification.

When comparing the two electrolysis technologies Alkaline (AEL) and Proton Exchange Membrane
(PEM), it becomes apparent that from today's point of view, an AEL electrolyser is more economical
than a PEM electrolyser. The AEL electrolyser currently has lower investment costs and equivalent
efficiency as a PEM electrolyser. It is assumed that the costs of the PEM electrolysers will decrease in
the future and then, a PEM electrolyser would be preferred.

Operating costs

Converting the CO, from raw biogas using the power-to-gas technology increases the amount of pro-
duced biogas to 160%. The costs for operation and maintenance decrease specifically with increasing
production quantities and thus compensate for the higher capital costs of PtG compared to a conven-
tional biomethane production plant. In the model, the costs for raw biogas as well as the price for in-
jectable biogas are identical in both variants. For an economic operation, without cross-subsidisation
between methane from raw biogas to the additional generated methane, electricity costs are deter-
mined.

In figure 14 specific costs per kWh are compared for conventional biogas processing plant and a pow-
er-to-gas plant. In figure 15 annual operating costs for conventional biogas processing plant and a
power-to-gas plant are compared.

Conventional Biogas-Upgrading-Plant

Biomethan
5.5-7.5 Rp/kWh CAPEX: 2.2 Rp/kWh
I OPEX: 2.3 Rp/kWh 120Nm3/h / G’
Rawgas 5 = Upgrading .
40% CO2 Plant N =N
10-12 Rp/kWh
o,
>573 Ro/lh CAPEX: 2.5 Rp/kWh Blomethan
P-to-G : 2.5Rp 0
OPEX: 2.0 Rp/kWh 0% 200””'3/“/ d
Rawgas .
40% Y o
El " 10-12 Rp/kWh
2 .
Power Elektrolyser —>»| Methanation
\
3.5-4.5 Rp/kWhel " 1 60%

Figure 14: Comparison of specific costs per kWh (conventional biogas processing plant vs. a power-
to-gas plant)
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Based on the model calculations, the resulting maximum electricity costs are 3.5 to 4.5 Rp/kWh, in-
cluding grid charges and taxes. The lower the power costs, the more economical the PtG technology
operates. If higher electricity costs are to be expected, PtG is not worthwhile compared to a conven-
tional system.

The heat generated in a PtG plant as well as the oxygen from the electrolysis can be utilized to im-
prove the economy. In the present study, however, this has not yet been taken into account since
these parameters are strongly dependent on the project and location. The economic efficiency of the
PtG plant should primarily be provided by the sale of gas, and other sources of revenue should only
be used for optimization. In the given plant size, an additional approximately 0.7 Rp/kWh of injected
gas can be assumed by the marketing of joint products.

Conventional Biogas-Upgrading-Plant Power to Gas Plant
Operation Sceanario continuous operation Operation Sceanario continuous operation
Elektrolyser MW - Elektrolyser MW 14
Raw Biogas  Nm3 200 Raw Biogas  Nm3 200
Thermalpower [renewable gas) MW 1.3 Thermalpower (renewable gas) MW 21
Energy le gas GWh gHHv) / Jahr 11.0 Energy Renewable gas GWh gauv) / Jlahr 18.0
OPEX (total Fr. 1'330'000) OPEX (total Fr. 2'160'000)

12% 11%

m Opemtional Cost m Operational Cost

m Consumables m Consumables

Electricity Electricity

m Rawgas m Rawgas

26%

® Finanzingcost = Finanzingcost

62%

Figure 15: Comparison of annual operating costs (conventional biogas processing plant vs. a power-
to-gas plant)

Operating regime

The above presented case is based on continuous plant operation. In order to optimize the electricity
consumption for the operation of the electrolysis, various scenarios were investigated which allow a
periodically changing current demand. In this case, raw biogas or hydrogen must be buffered. Storage
of hydrogen (including compression, if necessary) is more economical than storage of raw biogas.
When storing raw biogas, not only the electrolyser, but also the methanation plant has to be built larg-
er, which leads to higher costs.

In general, the analysis shows that a periodic operation of a PtG system only in times of power over-
supply is not economical when connected to an anaerobic digester or waste water treatment plant.
This is caused by the low number of operating hours, which requires in turn large storage tanks to
process the continuous raw gas flow.

Part time operation 12 h / day:

If the electrolysis is operated daily only for twelve hours, for example to use day / nighttime tariffs, the
electrolyser must have a doubled capacity. Only in this way can sufficient hydrogen be produced to
methanate the same continuously produced flow of raw biogas. The hydrogen must be able to be
stored in order to guarantee a continued operation of the methanation during the non-operating period
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of the electrolyser. Higher capital and operating costs of CHF 340’000 are incurred annually. Accord-
ingly, an additional revenue or savings of more than 340’000 CHF must be achieved through the opti-
mization.

Part load operation, standstill 4h / day:

Analogously to the partial operation during 12 hours per day, the electrolyser must be dimensioned
larger than in full load operation. In addition, a small hydrogen storage tank must be installed. Higher
capital and operating costs of CHF 110’000 are incurred annually. Accordingly, an additional revenue
or savings of more than 110°000 CHF must be achieved through optimization.

Operation on partial capacity electrolysis:

The electrolyser has a capacity reserve of additional 0.5 MW, in order to provide this as a positive as
well as negative control energy to the power grid. Accordingly, a hydrogen storage device must be
present in order to be able to methanate the continuously produced raw biogas at reduced electrolysis
capacity. In case of overcapacity, the gas storage tank must be able to absorb the additional amount
of hydrogen. Higher capital and operating costs of CHF 130’000 are incurred annually. Accordingly, an
additional revenue or savings of more than CHF 130’000 must be achieved through optimization and
participation in the regulatory energy market.

Summary of chapter

The specific investment and operation cost (without the cost for electrical power for the production of
the hydrogen) is for a PtG plant at the level of a traditional biogas upgrading plant. Based on an as-
sumed 10 to 12 Rp/kWh for grid-injectable biomethane the resulting maximum electricity costs are 3.5
to 4.5 Rp/kWh, including grid charges and taxes.
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Realisation of pilot plant COSYMA

COSYMA stays for Container Based System for Methanation. The entire methanation process, includ-
ing compressor and gas cleaning, is integrated into a standard 20 feet container with customised
openings (doors, windows, etc.). This also means that the space inside the container is limited since
one side of the container is fitted with desks as workplace for the researcher. At the same time, the
installation is appropriate to explain the concept of direct methanation of biogas to interested visitors
where the process is visible behind transparent doors.

COSYMA is based on a similar installation built in 2004 at PSI. The first installation was successfully
operated with syngas from biomass gasification. In total, 3’000 hours of experimental hours were ac-
cumulated. For the long duration test in Werdholzli, this plant had to be rebuilt in order to fulfil the ac-
tual requirements. Except of the core process vessels, all other equipment had been replaced with
new installations.

In Figure 16, the technical concept is shown as well as the technical realisation. The installation con-
sists of five sections. Section 1 is the gas compressor/gas supply, section 2 contains the gas cleaning,
section 3 is the fluidised bed methanation and section 4 comprises the gas conditioning, i.e. the gas
drying. In section 5, the gas diagnostics and the necessary installations for the injection into the natu-
ral gas grid are placed.

Demonstrationsanlage «COSYMA»
Container-basiertes System einer Methanisierungsanlage
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Reaktor Einspeisung
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Figure 16: Pilot plant COSYMA, consisting of a compressor/gas supply (1), gas cleaning (2), fluidised
bed methanation (3) and a gas conditioning (4).
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In table 6 the list of equipment for the gas diagnostics is shown, which is applied for the long duration
test in Werdholzli with the COSYMA.

Table 6: Diagnostic toolbox applied for the COSYMA long duration test in Werdhdlzli. Multiple on-line
and off-line sampling systems and analytical instruments are applied.

Tool Compounds measured
| NDIR (on-line, continuous) - Bulk: CO,, CH,, CO
0, sensor (on-line, continuous) « 0,
Sulfur-uGC (on-line) ¢ Bulk: CO,, CHy, H,
* H,S, Cos
To be_ used FTIR (on-line) ¢ Bulk: CO,, CH,, ...
on site at * Moisture
Werdholzli « Siloxanes, COS, HC
for COSYMA TDA SulfaTrac (off-line) + Total sulphur
Sampling system for off-line analysis | ¢+ Tars, other trace contaminants
at PSI: Liquid quench * Compounds with BP >80 °C
Sampling system for off-line analysis | * Sulphur compounds
at PSI: Gas Sample Cylinders ¢ Compounds with BP >- 60 °C

Available MS, GC/FID, GC/SCD, GC/MS, ICP/MS | =  Various
at PSI for on-line and off-line applications

BP: Boiling point

The NDIR and the O, sensors are process diagnostics. If these diagnostics do not work properly or
predefined limits are exceeded, COSYMA is switched automatically into standby mode. Therefore
NDIR and the O, sensors are process gas diagnostics and critical for the operation of COSYMA.

In principle the long duration test could be performed only with the process gas diagnostics. Further
gas diagnostic tools are needed in order to identify much earlier unwanted trends, i.e. breakthrough of
contaminants in the gas cleaning section or deactivation of the methanation catalyst. The so-called
research gas diagnostics is not critical for a safe operation of COSYMA.

One high-end research analytical instrument is the Sulphur-mGC. This instrument is an on-line re-
search diagnostic tool and operated unmanned. Data support the operation of the COSYMA, i.e. re-
placement of sorbent materials or adaptation of operation conditions in the bubbling fluidised bed
methanation. The liquid quench system (LQ) is operated in batch mode. These sampling systems
allow taking samples any time if needed. Samples are off-line analysed at PSI. The indicators “Drager”
are used for on-site off-line analysis of low concentration of H,S.

In figure 17 the multiple sampling points, sampling systems and online analytical instruments of the
COSYMA installation are shown. Sulphur-mGC is a one single measuring cell. Therefore this system
is equipped with switch valve systems, which allow the analysis of gases from different sampling
points. The LQ system has to be connected manually to the different sampling points.
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Figure 17: Sampling points, sampling systems and online analytical instruments of the COSYMA in-
stallation for testing sorbent based gas cleaning (1 kg of sorbent) and fluidised bed methanation (1 kg
of catalyst).
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Operation of COSYMA — Results on Methanation

A simplified version of the COSYMA set-up is illustrated in Figure 18. The set-up can be operated
either by synthetic bottled gas or by real biogas coming from the anaerobic digester. Starting from real
biogas, the stream first is compressed to the desired system pressure thereafter the flow is measured
by means of an orifice measurement. After this, the biogas enters the gas cleaning unit, where harmful
trace components like (organic) sulphur compounds are removed. These contaminants lead to deacti-
vation of the catalyst even in small amounts, so it is essential to remove them. A detailed description
of the gas cleaning unit can be found in chapter ‘Gas Cleaning’. Subsequently, biogas is mixed with
hydrogen and trace amount helium from the bottled gas section. The mass flows of bottled gases are
measured and controlled by mass flow controllers (MFC). The addition of a known amount of helium
allows determining the standard volume flows of all components via concentration measurements.
Next, a small volume flow of the gas mixture is continuously directed to a Micro Gas Chromatograph
(mGC) to measure bulk gas concentrations including helium. Then the stream is preheated to reactor
inlet temperature and mixed with vapour. For this, water from a closed tank is heated to 360°C and
evaporated. The decreasing mass of water in the tank is measured by scale I, which allows determin-
ing the inlet mass flow of water. Water addition is supposed to prevent coking of the catalyst.
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Figure 18: Simplified flowsheet of the COSYMA set-up

Now, the wet gas mixture is entering the bubbling fluidised bed reactor, where the methanation reac-
tion takes place with a nickel catalyst of Geldart B type particle. The exothermic methanation reaction
converts carbon oxides and hydrogen to methane and steam. The reactor diameter is 5.2 cm and the
predominant catalyst mass was 800 g at the beginning of operation. The corresponding non-fluidised
bed height is 58 cm. Inside the reactor, two lances are present. One lance measures temperatures at
different heights. The other lance is taking gas probes at 7 cm bed height, which are directed to a
mGC for measuring bulk gas concentration including helium.

The reacted wet gas mixture leaves the reactor and enters the particle filter unit. The filter safely re-
moves fine dust that stems from attrition of the moving catalyst particles in the fluidised bed, whose
amount however is not significant for operating such a system.
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In a next step, the wet gas mixture is cooled to 4°C, so that the water present in the reacted gas con-
densates. The condensate is directed to a tank, which is weighed by scale Il. With this procedure, it is
possible to determine the entering water flow and the one leaving the reactor. The difference of these
two streams equals the produced water during reaction. The dry gas leaving the condenser is ana-
lysed continuously via mGC and non-dispersive infrared sensor (NDIR sensor). If the NDIR sensor
displays permissible concentrations of methane (CH,4 > 85%), the gas, which is now referred to as ‘bio-
methane’, flows via gas meter into the natural gas grid (restricted injection). If the methane content is
below the mentioned limit, the set-up turns into stand-by (keeping pressure and temperature while
flushing with N,). During start-up (which is achieved in less than 15 min), the gas leaves the set-up as
exhaust.

Measurements and Data Evaluation

Operational conditions that can be measured directly are recorded and visualised by an Intermodula-
tion Analysis System (IAS); e.g. temperatures, pressures, weights, concentrations by NDIR sensor etc.
(155 measurement points in total). Concentration measurements via mGC have to be evaluated sepa-
rately. The same holds for calculating operational parameters based on data from IAS or mGC. A re-
dundant measurement system was established, such that relevant operational conditions could be
measured or calculated in multiple ways independently from each other. This allows a direct verifica-
tion of the redundantly obtained values for one operational condition. Also, an elementary mass bal-
ance was done for the whole set-up considering the elements carbon, hydrogen and oxygen. For this,
a data processing tool (DP tool) programmed in Matlab® was established. First, the DP tool merges
the data from the different sources. For this, the same time stamp must be applied to every source.
This was necessary because different frequencies of recording were predominant from the different
data sources. In order to obtain a value within two measured data points, linear interpolation between
those two data points was applied. Operational parameters not accessible directly (e.g. inlet volume
flow of biogas, hydrogen-to-CO, inlet ratio, conversion of CO, etc.) were calculated by means of IAS
and mGC data. In a last step, selected data is visualised in diagrams.

The explained procedure allowed an identification of reliable measurement values with which mass
balances can be closed with an average error of +/- 5%. Redundantly obtained values are in agree-
ment with each other. A prompt tracking and evaluation of the course of operation in a detailed way
over 1000 h of operation become possible with the help of data processing tool.

Regular OperationRegular operation hours are defined as the time, where biogas from the plant in
Werdhdlzli was directed to the COSYMA reactor and bio-methane produced by COSYMA was injected
into the gas grid. The 1’000 hours of operation time can be divided into two phases.

In the first phase (Oh — 429h), operational conditions were varied in order to find optimal conditions for

maximum methane content in the reactor outlet gas. This goal represents the need of a single
methanation rather than the operation conditions for combining methanation with a hydrogen separa-
tion membrane. The latter would suggest significantly over-stoichiometric hydrogen addition. Within
this experimental campaign however, the more challenging maximisation of the methane was target-
ed. During the optimisation phase, reactor temperature and hydrogen feed were varied. The amount of
hydrogen added to the system is expressed by the hydrogen-to-CO, ratio, where the hydrogen feed is
set into relation to the carbon dioxide mole flow of the raw biogas. Therefore, variations in the biogas
feed when the hydrogen feed was constant lead to a change of this ratio.

The pressure was set to 5.7 barg for the whole regular operation time. Vapour was added to the reac-
tor in order to prevent deactivation of the catalyst from coke forming. Here, a ratio of water-to-CO, of
0.5 was chosen.
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In the second phase (430 h — 1’000 h), operational conditions were held constant within a range with
the identified optimal conditions for temperature and hydrogen-to-CO, ratio. Pressure and water-to-
CO, ratio remained the same as in the first phase. It turned out that the compressor for the biogas
feed was not temperature-controlled and hence influenced by ambient temperature variations from
day to night, which resulted in changing volume flows. In order to maintain a constant hydrogen-to-
CO, ratio, hydrogen had to be readjusted. However, fluctuations of hydrogen-to-CO, ratios could not
be fully avoided.

In the following figures, operational conditions and the performance of the reactor are illustrated. The
different ratios, catalyst stress and yield of methane shown in the figures are defined as follows:

Hy  Npyin H,0 — Ny,o,in
COZ nCOZ,biogas C02 nCOZ,bL’ogas
7std sout __ sin
VCOZ,biogas Yo — Ncy, — Ncw,
cat stress = ———— CHy = — —~in
n
Meat CO;

During the first phase, the reactor temperature was changed between 320°C and 360°C and for a
short time until 380°C, which is illustrated in Figure 21. The system pressure was set constant. Espe-
cially during the first 200 hours, the temperature was varied strongly to identify an optimal temperature
at given other conditions. The same holds for the hydrogen-to-CO, ratio (Figure 20). For low tempera-
tures, the catalyst is less active, whereas high temperatures are thermodynamically unbeneficial. For
low H,/CO, ratios (3.8 — 3.95), less hydrogen remains in the outlet stream, but CO, conversion is de-
creased due to sub-stoichiometry. Whereas for high H,/CO, ratios (4.0 — 4.2), CO,-conversion is in-
creased, but more hydrogen remains in the outlet gas due to the bigger hydrogen feed. All aspects
together form an optimal point for maximum methane content in the outlet gas.
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Figure 19: Molar fractions of bulk components after the methanation reactor over operational hours
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Figure 21: Reactor temperature and system pressure over operational hours
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Due to the pronounced changes of those parameters, the dry concentration of the bulk components in
the outlet gas (Figure 19) strongly vary at the first 200 operational hours. In the first phase, yields were
reached between 94 vol-% and 99 vol-% with corresponding methane concentrations in the outlet

stream between 85 vol-% and 90 vol-%. Almost the whole amount of reacted carbon dioxide is con-

verted to methane. Hence, it can be assumed that the yield of methane equals the conversion of CO,.

During the second phase, operational parameters were mainly set constant within a range. Tempera-
ture and pressure were set to 355°C and 5.7 barg (Figure 21). The H,O/CO, ratio was about 0.55.
Since it was not possible to hold the H,/CO, ratio constant due to the changes of the compressor flow,
the ratio varies between 3.85 and 4.15 (Figure 20). In the second phase, methane yields reached 93
vol-% to 98 vol-% with methane outlet gas concentrations between 84% and 88%.
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In general, changes in catalyst stress and vapour addition within the given ranges have only minor
influences on the reactor performance, while variations of hydrogen addition impacts the dry outlet
concentration of the reactor strongly. The yield of methane correlates directly with the predominant
hydrogen-to-CO, ratio (Figure 20); however catalyst deactivation may also play an important role.

Effects of deactivation can be observed after 200 hours of operation. From 50 to 200 operational
hours, the average methane content was 88.9 vol-% in the outlet gas. Then, the methane content
decreases slightly such that during the operational hours from 430 to 600, the average methane con-
centration was 85.4%. After 640 hours of regular operation, 150 g of new catalyst were added to the
reactor. As a result, methane content is increasing at that time and reaches an average methane con-
centration of 86.7 vol-% for the next 100 hours. But again a slightly decreasing trend can be observed,
indicating that the source of deactivation may not be eliminated until that time (see chapter ‘Gas clean-
ing’). After 735 hours, the critical adsorber bed of the gas cleaning unit was heated in order to remove
adsorbed water blocking the sites of the adsorber material. According to the measure, the average
methane concentration in the outlet gas is slightly increasing again for the next 61 hours.

At 815 hours, methane content starts decreasing again, where it reaches at the last recorded point a
concentration of 85.4 vol-%. However, operational conditions were continuously changing over the
time, thus a clear comparison of the results over the operational hours regarding deactivation is not
possible. In order to gain reliable information about the effects of deactivation, separate experiments
were conducted repeatedly in certain intervals at reference conditions. The procedure for these exper-
iments is described in the next section.

Investigation of Deactivation via Reference Experiments with Bottled Gas

By means of repeated reference experiments, it was possible to create exactly the same conditions in
the reactor such that the performance of the reactor can be compared over time regarding deactiva-
tion of the catalyst. Since the biogas concentrations from the biogas plant are subject to fluctuations,
only bottled gas was used for the reference experiments in order to achieve stable. The reference
experiments were repeated about every 100 operational hours (starting after 400 hours) or when there
was a specific incident like catalyst addition etc. An average biogas composition of 40 vol-% CO, and
60 vol-% methane was simulated with bottled gas as feed, where methane was substituted by nitrogen
for technical reasons. This procedure is valid, since the influence of the replacement of methane with
nitrogen to the chemical equilibrium is minor. The predominant conditions of the reference experi-
ments are listed in Table 7.

Table 7: Operational conditions during reference experiments with bottled gas

H21 COZa NZ! Hev H2/C021 HZO/COZ, pl TreaCa
NI/min NI/min NI/min NI/min - - barg °C
53.4 12.8 18.6 0.4 4.17 0.86 6.1 320; 350

During the reference experiments, lance measurements were executed besides the regular measure-
ments. Changes of concentration profiles over the reactor height give information regarding deactiva-
tion and the reaction mechanism.
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In Figure 22, dry molar concentrations of the components methane, hydrogen and carbon dioxide after
the reactor for reference experiments are illustrated. The concentrations of the mentioned components
are normalised to 100% so that nitrogen and helium are not illustrated in the graph. Additionally, the
yield of methane is shown for the corresponding experiment. At hour zero, a reference experiment
was conducted, before real biogas was entering the COSYMA setup. This point can be seen as refer-
ence state for a fresh catalyst with a yield of 96.1 vol-% and a normalised methane concentration after
the reactor of 82.5 vol-%. The normalised concentration of methane is not directly comparable with the
results of the previous section, since only the produced methane is shown in Figure 22 and not the
sum of methane from biogas and the produced methane like in Figure 19. Theoretically, the methane
content for this experiment would have been 91 vol-%, if instead of nitrogen methane would have
been added to the feed, which corresponds with the conditions of the regular operation.
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Figure 22: Normalised dry molar fraction of bulk components after the reactor and Yield of methane
over operational hours with reference gas mixture at T=350°C reactor temperature

At about 400 hours of operation, the first reference experiment was conducted since the reactor was
operated with real biogas. A decreased yield can be observed together with a decreased normalised
concentration of methane after the reactor. Corresponding to this, hydrogen and carbon dioxide con-
tent is increasing due to the lower conversion rates. Within the course of further operational hours,
deactivation progresses until a yield of 91.3 vol-% and a normalised methane concentration of 61.5
vol-% at about 630 hours, which corresponds to methane content of 81 vol-%. The vyield in total de-
creased with 5% over 630 hours of operation. The reason was the breakthrough of a sulphur com-
pound in the biogas which was not expected during the design of the gas cleaning section. As dis-
cussed in section (Gas cleaning), it was possible to adapt the gas cleaning system to remove this
sulphur species.

At about 640 hours, 150 g of new catalyst was added to the 800 g of catalyst inside the reactor. As a
result, yield and methane concentration are increasing again on a level between the reference state
and the reference experiment at 400 hours. Less than one fifth of the original catalyst amount was
added to the reactor, but it results almost in the same performance of the reactor like for the non-
deactivated catalyst. Since the methanation reaction in a fluidised bed is not restricted by kinetics, but
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inter alia by heat transport at the given operational conditions, the main part of the catalyst is used to
dissipate heat via heat exchanger, so that approximately isothermal conditions are reached. Now, the
small amount of 150 g new catalyst is kinetically active enough to almost compensate the 800 g of
partly deactivated old catalyst. Nevertheless, the catalyst material inside the reactor suffered slightly
more, however not significant deactivation, until the operation conditions of the adapted gas cleaning
section were optimised. Since then, activity stayed stable.

Normalised concentration profiles over the reactor height via lance measurements were derived at
different points in time (Figure 23). Here, the dry molar fractions of the bulk components methane,
hydrogen and carbon dioxide are illustrated. The norming of the concentrations to 100% was done in
the same way like described for Figure 22. After 408 operational hours, the first lance measurement
was conducted, where already a performance loss of the reactor occurred due to deactivation. Then
directly before (630 h) and after the catalyst addition (640 h) the corresponding profiles are shown. In
general, approximately two thirds of the total methane production is completed after 7cm of reactor
height, which is about 12% of the total height. In the following 88% of reactor height, the remaining
one third of total methane production is completed.
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Figure 23: Normalised concentration profiles (dry) of bulk components over reactor height at different
points in time at 350°C reactor temperature

Normalised concentration profiles are changing over time due to deactivation. After 408 hours of oper-
ation, signs of deactivation already occurred (see previous section). Then with further progressing in
time until 630 hours, normalised concentration of methane decreases, hence hydrogen and carbon
dioxide concentrations increase at the same time at lance height and the end of bed. With the catalyst
addition after 640h, the methane content increases again. It was expected, that the difference in con-
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centrations for one component at different points in time would be more pronounced at lance height
than at total height. Therefore, this method was supposed to give early warnings of deactivation. How-
ever, the measurements show that this is hardly the case. Mass transfer limitations from bubble to
dense phase may influence the reaction in a way that the reaction course is not as fast as assumed,
therefore deactivation of the catalyst cannot be seen so clearly at lance height via different concentra-
tions of each component, because the local mass transfer overlies the effects of catalyst deactivation.
Hence, the lance measurements are not easily suitable to give early warnings regarding catalyst deac-
tivation.

Evaluation of Methanation Model with experimental Results from COSYMA and Optimisation of Op-
erational Conditions

For maximising the methane content in the outlet gas, two parameters were considered: The hydro-
gen-to-CO, ratio at the inlet and the reactor temperature. Other parameters influencing the methana-
tion reaction (H,O/CO,, catalyst stress and pressure) were kept constant within a range. The data for
the analysis were taken from the regular operational hours. Therefore, like explained earlier the pa-
rameter water-to-CO, ratio is varying in a range from 0.51 to 0.67. The catalyst stress contains indirect
the information about the carbon dioxide flow in the biogas entering COSYMA setup. Hence, also the
entering carbon dioxide flow was kept constant within the mentioned range. The experimental data are
compared to the results of the methanation model, for which an equilibrium model as well as a rate-
based model is used.

The result of the variation of the parameter H,/CO, at the inlet is shown in Figure 24. Experimental
data are compared with results from the equilibrium and rate-based model. Dry molar fractions of the
bulk components methane, hydrogen and carbon dioxide downstream the reactor, are illustrated as a
function of the inlet ratio of H,/CO..
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Figure 24: Dry molar fractions of bulk components after the reactor over different hydrogen-to-CO,
inlet ratios derived via experiment, rate based model and equilibrium model at T=340°C, average
H,O/CO, = 0.6 and p=5.7 barg

For high inlet ratios of H,/CO,, bigger amounts of hydrogen remain in the outlet stream, hence the
hydrogen fraction is at maximum at high H,/CO, ratios and decreases with the H,/CO, ratio. The frac-
tion of carbon dioxide behaves in the opposite way. For high H,/CO, ratios carbon dioxide fraction is
very low, because bigger amounts of hydrogen enhance the reaction and therefore the conversion of
CO,. With decreasing hydrogen addition, the reaction becomes more restricted by the lack of hydro-
gen and less carbon dioxide converts, so more CO, remains in the outlet stream of the reactor.

The methane fraction behaves different since a weak maximum is formed. For increased hydrogen
addition, high conversion rates to methane are obtained, but also more hydrogen remains in the outlet
flow. For decreased hydrogen addition, less hydrogen remains in the outlet flow, but the conversion to
methane is inhibited. The interplay of these factors results in an optimum value of H,/CO,-ratio where
conversion-rates to methane and low hydrogen addition is balanced. This optimum can be found at an
H,/CO, -ratio of 3.9 in the model. However, sub-stoichiometric hydrogen addition may increase the risk
of catalyst deactivation due to coking. The equilibrium model shows the same result as the rate-based
model. This means that the reaction was not limited mass transfer within the whole reactor (which
does not necessarily mean that there is no local mass transfer limitation, if the reactor is sufficiently
large!) and could reach the maximum conversion rate, which is restricted by thermodynamics.

For lower H,/CO, —ratios, the conversion rates in the experiments seem to be even higher than the
models predict, because higher methane concentrations and lower hydrogen and CO, concentrations
are obtained than in the model. Theoretically it is not possible to go beyond the thermodynamic limit
shown by the equilibrium model, but in the experiment differences occurred in comparison to the mod-
el. First the water-to-CO, ratio was slightly decreased with 0.53 due to technical reasons for lower
H,/CO, —ratios, therefore a slightly more beneficial thermodynamic equilibrium was established, where
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higher conversion rates are possible. Whereas the fixed input parameter for the models was constant
with an average water-to-CO, ratio of 0.6.

Secondly, the models are based on the assumption of isothermal conditions; therefore, they are calcu-
lating with a constant temperature over the height. However, temperature measurements have shown
that the temperature varies over the bed height within a range of 5K to 10K depending on the
achieved conversion rate, as shown in Figure 25. The gas inlet temperature was set to 260°C. Due to
reaction heat, temperature is increasing very steeply in the first few centimetres. Then the temperature
forms a plateau with approximately constant values. After 12 centimetres, the temperature is dropping.
From lance measurements it is known that at this point more than two thirds of the total reaction rate is
reached and hence, less reaction heat per volume is produced. Consequently, within the not perfectly
mixed reactor the temperature drops. Nevertheless, temperature differences of maximum 10 K are
very small in comparison to fixed bed behaviour with temperature differences of 300 K to 400 K [1, 2].
It seems that the formation of a moderate temperature profile even improves conversion rates. The
higher temperatures at the beginning enhance the activity of the catalyst for increased conversion
rates, and the lower temperatures in the middle and top part provide thermodynamically more benefi-
cial conditions to convert even more CO, since the thermodynamic limit is shifted towards higher me-
thane concentrations at lower temperatures.
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Figure 25: Temperature profiles over the height of COSYMA reactor for different outlet temperatures

The results of parameter variations regarding the reactor temperature are shown in Figure 26. Here
again, experimental results are compared with results of the rate-based model for bubbling fluidised
bed methanation. The experimental results show dry molar fractions of methane at the reactor outlet
for different H,/CO, —inlet ratios over the reactor outlet temperature. Model results are illustrated with a
normal and a dashed line as a maximum and minimum case.
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Figure 26: Dry molar fraction of methane after the reactor over reactor temperature at different hydro-
gen-to-CO, ratios derived via experiment and rated based model for a minimum and maximum case;
average H,O/CO, = 0.5, average catalyst stress= 14.4 Nl/(min kg) and p=5.7 barg for the experiments

Since in the experiment water-to-CO, inlet ratio and catalyst stress were varying in a certain range,
experimental results are not directly comparable with model results. Therefore, model results are di-
vided into the case were maximum methane concentrations are established after the reactor within the
given experimental ranges of the two varying parameters and into a case for minimum methane con-
centration. The experimental results should be situated within the range given by the maximum and
minimum case of the rate-based model. The input parameters of the two cases are listed in Table 8.
For the case with maximum methane concentration at the outlet, within the given experimental opera-
tional conditions a low H,-to-CO, inlet ratio was chosen together with a lower water addition and a
lower catalyst stress. At the beginning of this section it was already shown that sub-stoichiometric H,-
to-CO, inlet ratios until 3.9 cause higher methane contents at the outlet than stoichiometric or hyper-
stoichiometric hydrogen addition. Also, lower water addition influences the thermodynamic equilibrium
beneficially towards higher methane concentration. A lower catalyst stress and, in general, a smaller
inlet volume flow result in higher reaction performance and less mass transfer limitations. For the case
with minimum methane concentrations at the outlet, vice versa a hyper-stoichiometric hydrogen addi-
tion was chosen, high water addition and a higher catalyst stress value. All parameters chosen in Ta-
ble 8 were actual experimental conditions with corresponding experimental results shown in Figure 19.
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Table 8: Input parameters corresponding to experimental conditions of the cases maximum and mini-
mum methane output concentrations for the rated-based methanation model

H,O/CO, at Pressure,

Case H,/CO, at inlet Vehain, NI/Min Veoain, NI/min

inlet barg
Max 3.95 0.47 17.36 9.85 5.71
Min 4.10 0.51 24.94 14.15 5.71

Water addition to the reactor shifts the thermodynamic equilibrium towards less methane at the reactor
outlet. On the other hand, water is supposed to protect the catalyst from deactivation by preventing
coking of the catalyst. Still, water addition should be as low as possible, because it inhibits the me-
thane production.

The target of the temperature variation is the identification of the optimum temperature at other given
conditions where maximum methane concentration is reached. The optimum temperature is influ-
enced by the kinetics of the catalyst and thermodynamics of methanation reaction. The experimental
results illustrated in Figure 26 form a characteristic curve with a maximum for the methane concentra-
tion at a certain temperature. At lower temperatures, the catalyst is less active; therefore the reaction
does not reach the thermodynamic limit. At higher temperatures, the thermodynamic limit for methane
concentration is decreasing due to exothermic properties of the reaction. Hence, a maximum of me-
thane concentration is formed, where the reaction limited by the kinetics hits the thermodynamic limit.
For a higher hydrogen addition, the optimum temperature shifts towards higher temperatures in the
model. For H,-to-CO, ratios of 4.0 to 4.1, experimental results are in accordance with the model re-
sults regarding the optimum temperature. For low H,-to-CO, ratios, the model predicts an optimal
temperature of 340°C (maximum case) and for high ratios 350°C (minimum case). The optimal tem-
perature of the experimental data for each H,-to-CO, ratio is in the range of the model predictions for
ratios between 4.0 and 4.1. Except for the sub-stoichiometric ratio, optimal temperatures for the exper-
iments shift towards higher temperatures for increased H,-to-CO, ratios like the model predicts. The
kinetics used in the model were derived from experiments, where CO methanation was investigated
and at operational conditions far away from this work (H,/CO =5 to 6, p = 1barg) [3]. Nevertheless,
experimental data are in good agreement with the rate-based model. For two experimental points,
higher methane concentrations are reached than the model predicts for the maximum case. These two
points refer to more advanced conditions (H,/C0O,=3.95 or T=380°C), where the model may be not as
accurate as for regular conditions.

Summary of chapter

The COSYMA set-up, including the bubbling fluidised bed reactor for direct CO, methanation, was
able to produce bio-methane continuously over 1’000 hours of operation. The produced bio-methane
was injected into the gas grid at the biogas plant in Zurich-Werdholzli as restricted injection. During the
whole operation, methane yields of minimum 93% and maximum 99% were obtained with an average
value of 95.3 %. In the bio-methane stream, the average concentration of methane was 87.2 vol-%, of
hydrogen 10.4 vol-% and of carbon dioxide 1.3 vol-%. If helium is not considered in the outlet gas, the
average methane content would go up to 88.2%. For unrestricted injection into the gas grid, further
gas upgrading is necessary via a process unit which reduces the amount of hydrogen in the bio-
methane stream down to a content of less than two mole-percent. Deactivation of the catalyst was
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monitored and turned out to be small. Effects of deactivation could be reduced by the addition of 15%
fresh catalyst and by measures for improving the gas cleaning unit. An optimisation procedure was
carried out in order to maximise the methane content in the bio-methane stream during the first 200
hours. After this, the set-up was operated with the obtained optimised operational conditions for the
following 700 hours. The evaluation of predictions from the fluidised bed methanation model with ex-
perimental data was successful. The results of both sensitivity analyses regarding hydrogen addition
and reactor temperature variation could be verified by experimental data.

References for chapter “Operation of the Cosyma — Methanation”

[1] Parlikkad NR, Chambrey S, Fongarland P, Fatah N, Khodakov A, Capela S, Guerrini O. Model-
ing of fixed bed methanation reactor for syngas production: Operating window and performance
characteristics. Fuel. 2013; 107(0):254 — 260.

[2]  Schlereth D, Hinrichsen O. A fixed-bed reactor modeling study on the methanation of CO2.
Chemical Engineering Research and Design. 2014; 92(4):702 — 712.

[3] Kopyscinski J, Schildhauer TJ, Vogel F, Biollaz SMA, Wokaun A. Applying spatially resolved
concentration and temperature measurements in a catalytic plate reactor for the kinetic study of
CO methanation. Journal of Catalysis. 2010; 271(2):262 — 279.

49/78



Direct Methanation of Biogas

Sorbent based gas cleaning

Introduction and review

The overall goal of the gas cleaning sub-project was to make recommendations on the choice of
sorbent based gas cleaning process for the long-duration test in COSYMA, and subsequently for a
scaled-up TRL 8 installation. There are multiple commercial sorption materials available for diverse
applications. The challenge in this sub-project was therefore to select the right material and
appropriate operation conditions in order to protect sufficiently the methanation catalyst over its
lifetime.

One of the first steps in this activity was a review of expected contaminants and expected
concentration levels in the biogas. In parallel, a review of the sensitivity of the key contaminants H,S
and siloxane for different uses of the biogas was done and compared to the expected requirement for
a methanation reactor concerning these contaminants. In order to get our own data, first
measurements of the raw biogas quality at the specific site in Werdhdlzli were done at the beginning
of this project in 2015. These two boundary conditions — gas quality and converter sensitivity — are
summarized in Figure 27.
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Figure 27: Sensitivity of various energy converters to H2S and siloxane in biogas [1-6].
Abbreviations: ICE = internal combustion engine; NG = natural gas; SOFC = solid oxide fuel cell;
MCFC = molten carbonate fuel cell; PEM = proton exchange membrane fuel cell; PAFC = phosphoric
acid fuel cell.

Thermochemical catalytic methanation is a process that is sensitive to several impurities in biogas, to
a greater degree than for many “traditional” downstream processes such as internal combustion
engines (ICE). Catalysts are especially sensitive to even low levels of sulphur compounds (~1 ppm),
and may be sensitive to siloxanes as well. The presence of moisture and of other contaminants in the
gas can also strongly affect the gas cleaning.

The selection of an appropriate sorbent based gas cleaning system for this Power-to-Gas application
followed a multi-step approach:
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1. The first step was the screening of potential sorbents based on published information and
supplier information. This was the focus in fall 2015.
2. The second step was the screening of selected sorbents in the lab with a synthetic gas

mixture. This gas mixture should demonstrate a degree of realism, especially concerning
the gas matrix, in order to generate useful results. This was the focus in 2016.

3. The final step was the operation of a gas cleaning concept in the COSYMA installation
that has to protect successfully the catalyst in the methanation reactor. Several sorbents
or conditions were tested with real biogas on a kg scale. This was the focus in 2017.

Outcome of screening of potential sorbents

Sorbent types and specific materials were pre-selected based on a survey of scientific literature, final
reports of pilot projects for fuel cells operating on biogas, and based on the recommendation of sup-
pliers. The focus was on selecting a first stage for H,S removal, and a second stage for sulphur polish-
ing which includes both removal of trace H,S and of other sulphur compounds. Meanwhile, it had to be
shown that at least one of the two steps would also remove siloxanes. The options considered and
tested for these two steps are shown below.

Potential sorbents for H,S removal:

Activated carbons (Desorex K43Na and Solcarb KS3) and SulfaTrap R7 (a mixed transition metal
oxide sorbent).

Potential polishing sorbents for removal of organic sulphur:

SulfaTrap R8 (an activated carbon with functionalized mixed transition metal oxides), SulfaTrap R2 (a
mixed transition metal oxide dispersed on high surface area supports), ZnO preceded by a
hydrodesulfurisation catalyst.

Sorbent testing in bench-scale tests

The focus in 2016 was on accelerated sorbent testing in the lab with synthetic gas mixtures, and
concurrently on the design and construction of the gas cleaning steps for the 1000 hour experiment in
COSYMA. In the lab, sorbents were tested in a bench-scale experimental set-up using a synthetic gas
mixture. The experimental set-up includes the ability to generate a gas mixture that contains CHy,
CO,, Ny, H,0, H,S, and siloxane D4 in specified concentrations. The real biogas in the long-duration
test at Werdholzli was expected to contain variable amounts of gas contaminants and water content,
especially depending on the season.

Figure 28 shows the key results of these bench-scale tests. Tests for the removal of H,S were per-
formed in a gas matrix of 55% CH, and 45% CO, by mole, moisture at a relative humidity (RH) of
50%. The contaminant used was either H,S alone, or H,S and siloxane D4. Figure 28 shows that dif-
ferent sorbents behaved differently in the presence of multiple contaminants. Activated carbons (De-
sorex K43Na and Solcarb KS3) showed a marked difference between the removal rate of H,S in “si-
loxane” and “no siloxane” environments. Meanwhile, SulfaTrap R7 (a mixed transition metal oxide
sorbent) was robust to the addition of siloxane, with effectively no change in the adsorption behaviour
for H,S.
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Figure 28: H,S breakthrough curves in several sorbents under single-contaminant (H,S only) and
multiple-contaminants (H,S and siloxanes) conditions in lab, in both cases with 50% relative humidity
(“RH”). Camilla Karlemo is gratefully acknowledged for experimental contributions to this figure.

Based on the lab scale tests, a two steps sorbent gas cleaning concept was selected for operation in
the 1000 hour experiment, as shown in Figure 29:

1. Step: H,S removal step that is robust to the presence of other contaminants

2. Step: Polishing step that removes other sulphur compounds and siloxanes
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Figure 29: Overview of two step adsorption based gas cleaning finally chosen for the 1000-hour
experiment in COSYMA.

Based on the robustness of the SulfaTrap R7 material to additional contaminants, and its better per-
formance in both wet and dry environments relative to the other sorbents, it was chosen as the prima-
ry H,S removal sorbent for the long duration test in COSYMA.
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SulfaTrap R8 was selected as a polishing step, because of its expected ability to remove trace sulphur
compounds as well as siloxanes. This sorption material is an activated carbon with functionalized
mixed transition metal oxides. Over the course of the 1000 hours experiment, it became clear that an
alternative sorbent to R8 should be tested to remove dimethyl sulphide (DMS), a volatile organic sul-
phur compound. SulfaTrap R2 was suggested for this application by the R7/R8-supplier. This sorption
material is a mixed transition metal oxide dispersed on high surface area supports.

1000-hr experiment: Behaviour in the first gas cleaning step (Bulk H2S removal)

Sorbents and gas conditions used
SulfaTrap R7 (a mixed transition metal oxide sorbent) was used for the entirety of the 1000-hr experi-
ment in the first gas cleaning step. It was operated at 35°C at the system pressure of 6.7 bara.

Sampling and analytical devices used

The first gas cleaning step is intended as the primary and bulk H,S removal step, and is it therefore
this compound which is monitored continuously. The H,S concentration just before the first gas clean-
ing step and after this cleaning step are monitored online by use of a sulphur-uGC. The sulphur-uGC
has a limit of detection (LOD) for H,S at 1-2 ppmv; therefore, Drager indicators with limit of quantifica-
tion (LOQ) of 0.2 ppmv are used to monitor H,S at sub-ppm concentrations. The transfer line from the
“clean” gas sampling point to the S-uGC was treated with Sulfinert by Restek.

The S-uGC also monitors carbonylsulphid (COS) in the gas online, with a LOD of 1-2 ppmv. Other
trace compounds are first sampled manually at the COSYMA by use of the Liquid Quench (LQ) sam-
pling system. The solvent samples with quenched contaminants produced by the LQ sampling system
are then analysed at PSI by GC-SCD (sulphur-containing compounds), GC-FID (carbon-containing
compounds), and occasionally by GC-MS for compound identification.

Behaviour of sulphur compounds

H,S behaviour
Figure30 shows the H,S before and after the first gas cleaning over the operation of the 1000 hour
experiment, as monitored by Sulphur-uGcC.

As seen in Figure 30, H,S in the compressed raw biogas remained around 20 ppmv for the first 400
hrs of operation. The increase in H,S content after this time was due to changed operation conditions
in the biowaste digester which is one of the two sources of the biogas fed to the COSYMA container.
A temporary decrease in the dosing of iron hydroxide in this digester resulted in the increased H,S
content in the biogas. This dosing was rectified, leading to the stabilization around 20 ppmv again just
after 800 hrs of operation. The cause of the renewed increase in H,S content observed after 800 hrs
of operation has not yet been confirmed with the operators of the digester, but it is assumed that the
iron hydroxide dosing was again the reason.
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Figure 30: H,S concentration in the raw biogas (after compression) and after the first gas cleaning
step measured with the S-uGC.

Figure shows that the H,S in the biogas is still being removed by the first sorbent step to below the
limit of detection of the S-uGC (1-2 ppmv) and of offline Drager indicators (limit of quantification, LOQ
= 0.2 ppmv). Representative photographs of Dréger indicators are shown in Figure31 after sampling
raw biogas (top) and clean biogas (bottom). The SulfaTrap R7 sorbent has therefore successfully pro-
tected the downstream process from H,S even in the presence of many other impurities and moisture
in the biogas, as expected from the lab tests.
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Figure 31: Drager indicators for H,S, shown after sampling raw biogas (16-18 ppmv H,S here) and
after the first gas cleaning step (<0.2 ppmv H,S).

Non-H,S sulphur-containing compounds

Other sulphur-containing compounds than H,S exist in biogas, as shown in Figure. Some are highly
volatile (H,S, COS), while some have high boiling points and are readily condensable (e.g., dimethyl
trisulphide), and others still have boiling points in intermediate temperature ranges (methyl mercaptan,
and to some extent dimethyl sulphide and carbon disulphide). These widely varying volatilities have an
influence on the ability to sample these compounds and analyse them in the lab at PSI.

Compounds with high boiling points are readily captured by the Liquid Quench sampling system,
which concentrates these contaminants at a quench point of -10°C or -20°C into a liquid solvent solu-
tion, samples of which can be analysed off-line. Compounds with very low boiling points (H,S, COS)
are monitored online by S-uGC. However, compounds with intermediate boiling points are expected to
be captured only partly into the LQ solvent. Therefore, methyl mercaptan was not quantified in the LQ
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samples taken, and DMS and CS, quantification would only provide a minimum value. The gas would
then contain at least as much DMS or CS, as is found in the LQ solvent samples.

An alternative sampling technique for these intermediate volatility compounds is needed such as gas
tank treated with Sulfinert or other sulphur-resistant coating. Such samples were not taken in the 1000
hours experiment for two reasons: (1) the GC-SCD which would be needed to analyse the gas sam-
ples was configured for liquid solvent samples, not gas samples; and (2) the stability of sulphur com-
pounds in real biogas can be quite short in gas tanks, especially in the presence of moisture [7]. By
contrast, LQ samples have shown reasonable stability, with <20% change in analysed concentration
over the course of two weeks in a repeated analysis of a solvent sample performed during this project.

Some possible S compounds in biogas:

Compound Pg‘iar::iz’gC)
Hydrogen sulfide (H,S) S -60
Carbonyl sulfide (COS) > -50
Methyl mercaptan (MM) x", 6
Dimethyl sulfide (DMS) oy 38
Carbon disulfide (CS,) >0 46

Methyl ethyl sulfide (MES) Aj”y 67
Diethyl sulfide (DES) WA 2
Dimethyl disulfide (DMDS) ‘g™ \,A. | 110

Diethyl disulfide (DEDS) A og 152
Dimethyl trisulfide (DMTS) < * < 170
Others ?

Figure 32: Boiling points of some sulphur compounds which may be found in biogas.

The non-H,S sulphur compounds observed in the biogas prior to cleaning in COSYMA were mainly
higher volatility ones, including DMS in particular. However, the non-H,S sulphur compounds ob-
served after the first bed include larger compounds such as DMDS and DMTS. This is seen in Figure ,
which shows significantly larger peaks at longer retention times (farther to the right) in the GC-SCD
chromatogram for “cleaned” biogas than for raw biogas. Similarly, Figure shows this effect over time.
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Figure 33: GC-SCD chromatograms before and after the SulfaTrap R7 sorbent. The increased peaks
on the right side of the "after" gas suggest that larger sulphur compounds (DMDS, DMTS, others)

were formed in the R7 bed.
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Figure 34: Behaviour of 2 key sulphur contaminants (DMS, DMDS) in the first gas cleaning step. The
“after” data show more DMDS, a larger compound, than the “raw biogas” data. Data are from LQ sam-
ples analysed in GC-SCD.

This indicates that the SulfaTrap R7 sorbent, in addition to removing H,S from the biogas, is also
causing the formation of larger sulphur-containing molecules from existing sulphur molecules. For
example, DMS could be dimerized to DMDS. This is not necessarily an undesired effect, as long as a
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second gas cleaning step exists. In a second gas cleaning step, any adsorption process based on
physisorption should be facilitated for larger, less volatile molecules relative to higher volatility ones.

Behaviour of non-sulphur compounds

Other contaminants also exist in the biogas. Due to the biowaste digester source of part of the biogas,
these are mainly terpenes, with some siloxane from the wastewater treatment plant. In an initial step,
the primary non-sulphur compounds in the biogas were identified by taking Liquid Quench samples
followed by an analysis by GC-MS. These results are shown in Figure .

During the long duration experiment a few key compounds (limonene, p-cymene, and siloxane D5) are
monitored over several hundred hours of operation to observe any changes. These results are shown
in Figure and demonstrate that non-sulphur compounds are not substantially removed in the first gas
cleaning step by the SulfaTrap R7 sorbent. This is good, as these results confirm the expected selec-

tivity of R7.
| -~ sllr'o-sl,---
4500000 ? [? \OI
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Figure 35: GC-MS chromatogram used to identify several key impurities in the raw biogas. As seen
here, others exist but are not specifically identified or quantified. Data are from LQ samples analysed
in GC-MS.
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Figure 36: Behaviour of three key selected non-sulphur contaminants in the first gas cleaning step. As
seen here, non-sulphur compounds are not substantially removed in this step. Data are from LQ sam-
ples analysed in GC-FID.

1000-hr experiment: Behaviour in the second gas cleaning step

Sorbents and gas conditions used

Several sorbents, sorbent combinations, and gas conditions were tested for this second gas cleaning
step. While the first gas cleaning step had the clear and narrow aim of removing H,S robustly, the goal
of the second step was more broadly defined as a polishing step for all other remaining sulphur
compounds and other harmful compounds.

The difficulties with this broad aim include the fact that non-H,S contaminants are generally present at
much lower concentrations than H,S (for non-H,S sulphur compounds, this was on the order of < 3
ppm, as seen in Figure34). This means that these compounds are often difficult to sample and
analyse. Moreover, these compounds are quite varied: as was already shown in Figure 33 and Figure
and will be seen again in this section, the sulphur compounds include highly volatile compounds and
larger compounds, and the non-sulphur compounds include terpenes, siloxane D5, toluene, and
others. Sorbents often interact differently with different compounds, such that a general goal of
“removing all other sulphur compounds” can be, in reality, quite a difficult task.

The two sorbent materials tested in this second gas cleaning step were SulfaTrap R8 (an activated
carbon with functionalized mixed transition metal oxides) and SulfaTrap R2 (a mixed transition metal
oxide dispersed on high surface area supports). The SulfaTrap R8 was recommended as a material to
use as a polishing bed for non-H,S sulphur compounds, which had also been previously shown to
remove siloxanes successfully, while SulfaTrap R7 in the first gas cleaning step did not. However,
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upon finding that we had significant (> 0.5 ppmv) amounts of dimethyl sulphide (DMS) in the gas, the
supplier of the SulfaTrap R8 recommended that SulfaTrap R2 be used as a final step, as SulfaTrap R8
was not intended to remove DMS for extended periods of time.

Therefore, several operation stages were used in the second gas cleaning step as follows. These
stages are also represented in Figure .

e From 0 - 408 hrs of biomethane injection, only SulfaTrap R8 was used (1.8 kg of material).

e From 408 — 635 hrs of biomethane injection, the bed was filled with 80%v SulfaTrap R8 (1.4
kg) on top and 20%v SulfaTrap R2 (0.4 kg) on the bottom as a final stage.

e From 635 — 912 hrs of biomethane injection, the bed was filled with 35%v SulfaTrap R8 (0.6
kg) on top and 65%v SulfaTrap R2 (1.2 kg) on the bottom as a final stage. At 735 hrs, the
sorbent was heated to between 80-100°C overnight in a flow of N,, and simultaneously a
chiller was added after the biogas compression. Both of these were done in an attempt to
remove more moisture from the system, both from the sorbent (heating and purging) and from
the biogas (chiller addition). This was done in an attempt to extend the lifetime of the
SulfaTrap R2, whose capacity was seen to be quite sensitive to moisture.

e From 912 — 1000 hrs of biomethane injection, the bed was once again filled with fresh
SulfaTrap R8 only (1.7 kg of material) to observe the early stages of breakthrough, which had
not been monitored in the first 300 hrs of operation.

This second gas cleaning step was operated with a temperature setpoint of 25°C, although in practice
the temperature was often higher due to weather conditions, with temperatures reaching up to 40°C in
the COSYMA container and in the sorbent beds. The gas cleaning step was operated at the system
pressure of 6.7 bara.

Sampling and analytical devices used

Trace compounds are first sampled manually at the COSYMA by use of the Liquid Quench (LQ) sam-
pling system. The solvent samples with quenched contaminants produced by the LQ sampling system
are then analysed at PSI by GC-SCD (sulphur-containing compounds), GC-FID (carbon-containing
compounds), and occasionally by GC-MS for compound identification.

Behaviour of sulphur compounds
H,S behaviour in this gas cleaning step is not shown, as the first gas cleaning step successfully pre-
vented a breakthrough of H,S.

The behaviour of non-H,S sulphur compounds, as monitored by sampling by LQ and subsequent
analysis in GC-SCD, is shown in Figure along with a summary of the sorbent(s) used. The first result
to be observed here is that the combination of SulfaTrap R8 and SulfaTrap R2 is successfully able to
remove all sulphur compounds including dimethyl sulphide during some period of time (see the stretch
from 408 hrs to ~520 hrs, or the stretch from 735 hrs to 912 hrs).

The second observation, however, is that breakthrough of certain sulphur compounds did occur over
the course of the 1000 hours operation. Dimethyl sulphide, which is the lightest sulphur compound to
be captured to a significant extent by the LQ sampling system, was always the first compound to
break through. Larger compounds (DMDS for example) broke through later. For example, the time
period from ~300 to 400 hrs shows the occurrence of a DMDS breakthrough, as does the time period

from ~560 to 630 hrs. In both cases, the DMS breakthrough occurred earlier.
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Additionally, the concentrations of DMS and DMDS observed after the breakthrough were higher than
those observed after the 1* gas cleaning step as seen in Figure34. This is assumed to be due to a
phenomenon known as concentration roll-up, which describes the increase in outlet concentration
observed of adsorbed compounds in a multi-compound adsorption situation. In effect, the more weakly
adsorbed compounds (DMS in this case) are displaced forward by more strongly adsorbed com-
pounds as time progresses. This moves the zone of DMS adsorption forward in the sorbent, and when
the front leaves the bed, the DMS has been concentrated by this mechanism.

After 2nd cleaning step: Condensable sulfur compounds
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Figure 37: Behaviour of two key sulphur contaminants in the second gas cleaning step. The
sorbent(s) used during each time interval are shown, along with any changes in gas operating condi-
tions. Data are from LQ samples analysed in GC-SCD.

The unexpectedly fast breakthrough observed in this bed, as well as the concentration roll-up effect,
are both assumed to be made worse by the presence of other non-sulphur contaminants in the gas.
Water and non-sulphur contaminants will compete for physisorption sites in these high surface area
sorbents, as was already observed in the lab tests reported in the 2016 report.

It was originally assumed that the very low concentration of non-H,S sulphur compounds would mean
that the large capacity of the second bed would be enough even in the presence of other contami-
nants. Additionally, it was assumed that the compression of the raw biogas to 6.7 bara and subse-
quent passive cooling to room temperature would result in sufficient moisture removal from the biogas.
However, the months of May and June were particularly warm, with temperatures reaching up to 40°C
in the COSYMA container, such that significant moisture remained in the biogas.

The effect of moisture in competitive adsorption with sulphur compounds can be clearly seen in Figure
37 between in the time period 635 — 912 hrs. During the first 100 hrs of operation of this bed, which
was comprised of 35%v SulfaTrap R8 followed by 65%v SulfaTrap R2, breakthrough of DMS occurred
nearly immediately. At 735 hrs, the biogas flow was stopped and the sorbent bed was heated to 80-
100°C overnight in a flow of N,. Simultaneously, a cooling system was added after the biogas com-
pression, which cooled the biogas to 17°C. The effect of these two drying processes extended the
time to breakthrough by a factor of more than 3.

In conclusion, the adsorption and removal of non-H,S sulphur compounds has been seen to be possi-
ble, but care must be taken in several aspects to prolong the time to breakthrough. First, non-DMS
compounds were removed by SulfaTrap R8, but in cases where DMS exists in non-negligible
amounts, SulfaTrap R2 should also be used. However, this sorbent is much more sensitive to moisture
than SulfaTrap R8 is. The supplier lists standard tests conditions as 2.2% moisture for SulfaTrap RS,
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and 4000 ppm (0.4%) for SulfaTrap R2. The maximal moisture content contained in the biogas can be
estimated by assuming a saturated vapour in a 6.7 bar environment at a maximum temperature of
40°C, resulting in a moisture content of 1.1%, which is fine for R8 but not R2.Therefore, the biogas
should be dehumidified to the greatest extent possible prior to this gas cleaning step for the use of R2
to remove DMS.

Behaviour of non-sulphur compounds

The compounds limonene, p-cymene, and siloxane D5 seen in Figure36 were also monitored at the
outlet of the second gas cleaning step, with the results shown in Figure38. Noting that the y-axis scale
is reduced in Figure38 relative to Figure36, we see that these contaminants, which were not removed
in the first gas cleaning step, are now removed to a large extent in the second gas cleaning step.
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Figure 38: Behaviour of three key selected non-sulphur contaminants in the second gas cleaning
step. As seen here, non-sulphur compounds are primarily removed in this step. Note the changed y-
axis scale relative to Figure. Data are from LQ samples analysed in GC-FID.

On one hand, this is a welcome effect: it means that the methanation reactor was protected from si-
loxanes which may cause deposits of silica, similar to the effect observed in high-temperature fuel
cells [8]. On the other hand, these other compounds compete for adsorption sites with the non-H,S
sulphur compounds, which must also be removed in this gas cleaning step. Management strategies
which reduce moisture in the gas, such as biogas cooling, could also reduce the presence of these
contaminants prior to the second gas cleaning step.

Recommendations for gas cleaning and monitoring
We can first state some conclusions and recommendations which apply specifically to this project and
could be applied to similar projects in future:

e The SulfaTrap R7 sorbent has successfully protected the downstream process from H,S even
in the presence of many other impurities and moisture in the biogas, over the full 1000 hours
of operation. H,S was never detected downstream of the first large sorbent bed, even with in-
struments which would be sensitive to 0.2 ppmv H,S.

¢ Management of non-H,S sulphur compounds proved more difficult, especially due to the mois-
ture in the biogas and to the significant presence of the volatile compound DMS. However, by
careful rearrangement of the second stage of gas cleaning, it was possible to limit the catalyst
deactivation to a tolerable degree. An additional sorbent was added for DMS removal, and in-
creased moisture removal was shown to allow the successful operation of the sorbents.
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e During this 1000 hr experiment, a S-uGC and Drager indicators were used to monitor H,S.

Sampling lines for clean gas samples (after the first gas cleaning step, after the second gas
cleaning step) were treated with Sulfinert to prevent accumulation of sulphur compounds on
the lines. Meanwhile, a Liquid Quench sampling system was successfully used to sample oth-
er contaminants prior to their analysis in GC-SCD, GC-FID, or GC-MS.

Based on our experience we make more general recommendations about sorbent evaluation, usage,
and gas quality monitoring:

e Sorbent tests performed in lab (synthetic) conditions should, to the greatest degree possible,

include realistic gas compositions. In particular, the behaviour of sorbents often changes dras-
tically in humid gases relative to dry gases, so moisture addition must always be included.

e However, it is unlikely that any test in synthetic mixtures can ever capture fully the complexity

of real gases. In the case of COSYMA, the long-term operation in real gas revealed in particu-
lar two important effects which had not been observed in lab tests: (1) the creation of larger
sulphur-containing compounds in the first adsorbent bed; and (2) the difficulties caused by
higher moisture levels than expected in the second adsorbent bed. Tests of sorbents in real
gas are therefore strongly recommended when possible.

e Furthermore, several effects of the real gas on the gas cleaning process were observed over

quite long time scales (100-300 hrs). This includes observing the breakthrough profiles of
DMS and DMDS, allowing the understanding of the behaviour of the second sorbent bed. It is
therefore recommended that, in a pilot project such as COSYMA, gas cleaning tests be per-
formed for a minimum of 300 hours to verify operation of sorbents.

e For commercial plants, sufficient attention to the amounts and type of impurity compounds

should be paid by applying appropriate and sufficiently sensitive analytics before design of the
gas cleaning. However, during operation, using commercially available total sulphur indicators
online is recommended rather than the manual offline sampling used in COSYMA.

Summary of chapter

Sorbent based gas cleaning was reviewed. Promising sorbent materials were selected and
tested in the laboratory and integrated into the pilot plant COSYMA. For the continuous docu-
mentation and monitoring of the long-duration test with the pilot plant, improved gas diagnostic
systems were successfully used (mGC, liquid quench system). This way, it could be detected
at an early stage if impurities such as H,S, dimethylsulphide (DMS) or siloxanes were no
longer sufficiently protected by the gas purification.
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Technical learnings for scale-up to 200 m*h biogas plant

One of the goals of this project was to demonstrate the technical feasibility of the direct methanation of
biogas in catalytic fluidized bed reactors and to evaluate the process economics. This object was fully
met as it could be shown that the methanation runs stable and allows increasing the biomethane yield
from raw biogas by around 60%.

As expected from modelling/simulation, the reactor temperature and the ratio of hydrogen to CO,
turned out to be the most sensitive operation parameters. Further, it was shown that the reactor is able
to reach the thermodynamic limit at the chosen optimised operation conditions with close to stoichio-
metric H,/CO, ratios. As there is already significant technical experience for fluidised bed methanation
on an industrial scale [1, 2] the generated insights on direct methanation of biogas in catalytic fluid-
ized beds can be up-scaled to around 1 MW gyg Which is the necessary size for 200 m%h biogas flow.

For a 200 m*h biogas plant, design calculation shows that a fluidised bed reactor of 60 cm diameter
and around 2 m bed height is necessary. The bed height is chosen for the heat transfer via heat ex-
changer, while already 60 cm bed height is sufficient to reach the thermodynamic limit as shown in the
long duration experiment with COSYMA. The additional bed height comprises activity reserve in case
of slow catalyst deactivation. Even with the reserve, the reactor is significantly smaller than a cooled
fixed bed reactor (2-3 times more volume) or a biological methanation (9 m high reactor at 70 cm di-
ameter for the electrochaea plant within the Biocat project [3]). A more detailed comparison between
the different methanation technologies is presented in the Annex.

Start-up time from warm stand-by to injection was less than 15 min in COSYMA. Experiences from the
1 MWy plant in Gissing are similar. Experiments on PSI’s pilot scale plant GanyMeth (160 kW syg
nominal capacity, TRL 6) will provide better insights into the dynamics of a fluidised bed reactor with
biogas as GanyMeth comprises the same cooling coils and thermos-oil system as an industrial plant.
Further, the GanyMeth experiments will be used to obtain better understanding of heat transfer per-
formance and to validate the reactor model in more detail by predicting the measured concentration
profiles with the simulation.

Biological methanation reactors can produce injectable biomethane (> 96% CH,, < 2% H,) in one step
as the methanation process is operated at temperatures around 40-70°C. In catalytic methanation
reactors, which run minimum at 250-400°C are limited by thermodynamics at methane contents of
around 90% and H, fractions of >8%. Operation at the higher temperature level of catalytic methana-
tion reactors allows recovering more than 120 kWy, high temperature heat from each reactor cooling
(> 250°C) and water condensation (> 120°C).

The incomplete conversion of H, and CO, in catalytic methanation reactors, asks for a further upgrad-
ing step to reach the grid injection specifications by either a 2™ methanation or a membrane, which
allows the separation and recycling of hydrogen, CO, and humidity from the biomethane. Detailed
knowledge on commercially available membranes is scarce while process optimization results strongly
depend on the assumed membrane properties. Therefore, experiments with an industrial membrane
are needed in order to have the necessary basis for a basic engineering study which will also develop
the concept for the process automatization.

Process chain analysis shows that the electricity consumption for the hydrogen recycling into the cata-
lytic methanation is lower than the published values for electricity consumption of the stirring devices
in biological methanation. As the biomethane costs are dominated by the electrolysis (both with re-
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spect to CAPEX and OPEX), the membrane costs are therefore not significant. A detailed engineering
study is necessary to exactly determine the costs differences for a specific site.

With respect to gas cleaning, the project showed the importance of appropriate gas sampling, both
with respect to sampling points and species to be detected. Within the 1’000 h campaign, a surprising-
ly large number of sulphur compounds and even one before not expected was found (di-methyl-
sulphide) which is a challenge for many sorbent materials. By careful rearrangement of the sorbent
based gas cleaning section, it was possible to limit the catalyst deactivation to a tolerable degree. For
commercial plant, sufficiently attention to the amounts and type of impurity compounds should be paid
by applying appropriate and sufficiently sensitive analytics before design of the gas cleaning, while
using commercially available low cost total sulphur indicators during operation. With known impurity
concentrations, it will be possible to design a gas cleaning with available sorbent materials. Again, the
economic calculations show that the contribution of the gas cleaning to the overall costs is small.

The economic analysis of the direct methanation of biogas shows the dominant impact of the electrol-
ysis capital costs and especially of its electricity consumption. Therefore, on the one hand, cost differ-
ences between the different methanation technologies may become insignificant and aspects such as
quality of the recovered heat and dynamics/flexibility of the methanation gain importance. On the other
hand, electricity costs below 5 Rp/kWh are necessary which does not allow the payment of the elec-
tricity grid use fee. Under the given legal boundary conditions (only pumped hydropower plants are
excluded from grid use fee payment), this asks for sites where the electricity production is geograph-
ically sufficiently close to the biogas production sites such that the electrolysis can be placed at the
power plant while hydrogen and/or raw biogas can be transported in pipelines to the methanation and
up-grading plant.

References for chapter “Technical learnings for scale-up to 200 m3/h biogas plant”
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National collaborations

SCCER (BIOSWEET, STORAGE)

The project “direct methanation of biogas” is an important contribution to the investigations on Power-
to-Gas conducted within SCCER BIOSWEET in collaboration with SCCER STORAGE. Here, the long
duration test with biogas at TRL 5 covers research questions which are not covered by other groups or
projects. Especially, this project is complementary to the work within the underlying projects REN-
ERG2 (CCEM) and Future Mobility Demonstrator (BfE/FOGA), where pilot scale methanation experi-
ments at TRL 6 are in the focus.

BAFU PtX-Study

The aim of the BAFU Study on PtX (EMPA, in collaboration with PSI) is to consider the potential of PtX
to replace fossil fuels in mobility. As (bio-)methane is an established fuel with existing infrastructure,
the increase of biomethane production by PtG/direct methanation of biogas is the pathway with the
lowest economic hurdle in this direction. This project “direct methanation of biogas” delivers therefore
technical information and economic data, which both are important input for the BAFU PtX-study.

ESI Swissgrid Study

Within the framework of the Energy System Integration platform (ESI), several groups within PSI in-
vestigate the potential of PtG (both, to H, and to CH,) for stabilizing the electricity grid when chal-
lenged by integrating photovoltaic and wind electricity production. Again this study covers one im-
portant aspect of biomass based power to methane. By close collaboration of the three studies (this
study, BAFU PtX-study and ESI/Swissgrid study) it is secured, that consistent and realistic set of cost
data (investment, operation, etc.) is used for the considered technologies.

SCCER (BIOSWEET, STORAGE) Phase Il

The project “direct methanation of biogas” is well integrated within SCCER Phase Il (2017 — 2020).
The ongoing project will show the potential of biogas PtG applying fluidized bed methanation with
membrane based gas upgrading after the methanation. While the robustness of gas cleaning and
methanation will be experimentally proven in this project, the potential of the membrane upgrading is
estimated based on literature data and computer simulation. Therefore integration of a hydrogen sepa-
ration membrane module into the COSYMA plant is the next logic experimental step. Such a follow-up
project allows showing the robustness of the suggested technology combination in direct methanation
of biogas especially for sources with fast changing CO, content. Such fast changes can take place in
digester plants digesting green waste. CO, concentration can change from 40 to 50% within hours.

Within SCCER BIOSWEET Phase Il a techno-economic comparison of all relevant biomethane pro-
duction technology is updated. Focus is on PtG technologies (catalytically and biological methanation).
The analysis includes also conventional biomethane processes as well as agriculture feedstock (ma-
nure), which can also be used as a feedstock for biomethane production.
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Coherent Energy Demonstrator Assessment (CEDA), PtX Whitepaper

Within several SCCERs processes are investigated and tested on TRL 5 and TRL 6. In order to further
facilitate the information and knowledge exchange between multiple research groups two joint activi-
ties have been defined for the coming years and are financially supported by CTI. CEDA and PtX-
Whitepaper aim at making information on technical, social and economic aspects of PtX technologies
consistently available for other research groups and the public. The project “direct methanation of
biogas” aims at delivering very important input to CEDA and the PtX Whitepaper and even at setting a
best practice in technology evaluation.
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Annex: Communication

Kommunikation, Event

Tag der Offenen Tur: ESI Plattform PSI (Poster / Flyer) 18.10.2015
Artikel Konzept / Zusammenarbeit

- Fenster der Forschung PSI Heft1/2016
- On“ne MagaZin Energie 360o Vielleicht bauen wir kiinftig Solarparks, um erneuerbares Gas zu produzieren 15.3.2016
= Online MagaZin Energie 360o Energie aus fossilen Quellen mit besseren Konzepten ablésen 16.4.2016
- Website VSG Mehr Biogas dank Power to Gas 17.5.2016
= Online MagaZin Energie 360o Reportage Wissenschaft / Bau der Cosyma 26.10.2016
Medienmitteilung Zusammenarbeit PSI —Energie 360° 16.3.2016

- Basellandzeitu NE: PSl und Energie 360° testen die Power-to-Gas-Technologie
- Limmattalerzeitu Ng: Biogas-Anlage Werhblzli wird zum Versuchslabor

- Aa rga uerzeitu NEg: PSlund Energie 360° testen die Power-to-Gas-Technologie

Erlebnistag Biogas Biogasanlage Werdhdlzli 16.4.2016

-Stand, Présentation PtG Projekt, Podiumsgesprich PtG (P.Dietiker, P.Jansohn, Ch.Bach)

Fachartikel: Methanisierung von Biogas

- Aqua&Gas, Direkte Methanisierung von Biogas (Heft Juli / August) 05.07.2016
- Magazin Umwelt Perspektiven (25.4.2016) 25.04.2016
- Bericht in Energiefachbuch 2017 Sept 2016

Kommunikation, Event

Prasentation: Projekt / Konzept an Branchenveranstaltungen

- FOGA Anlass (Forschungstag der Schweizer Gaswirtschaft) 6.7.2016 06.07.2016
- Poster (Biogas cleaning) Biomass for Swiss Energy Future (Biosweet) 07.09.2016
- ESI Plattform: Vernetzte Energieforschung Schweiz (22.09.2016) 22.09.2016
- Conference,European Biogas Association, Gent Belgium 27/29.9.2016
Artikel: Aufstellung in Werdholzli

- PSI Website hshere Methan-ausbeute aus Bioabfzllen 23.01.2017
- Online Magazin Energie 360° mehremeuerbares Gas dank Power-to-Gas 23.01.2017

-my Sience Hshere Methan-Ausbeute aus Bioabfillen
- Schweizerbauer pioabfille: Grosses Energiepotential

Atikel: Test in Werdholzli / Erkenntnisse

- NZZ Reportage Uberschiissiger Strom produziert Gas 3.02.2017
- BFE Blog (Feb 2017) 27.02.2017
- Aq ua & Gas Beitrag ausgehend von Artikel PSI Website Ma rz 2017
Besichtigungsevent : Testanlage in Werdholzli 5.04.2017

- Behorde / Verbande / Institute / Partner : VSG, SVGW, BFE, Swissgrid,
ZHAW, HSR, EMPA, ETH
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Kommunikation, Event

Medienmitteilung Besuchs Event Werdholzli 05.04.2017
Mehr erneuerbares Gas dank neuer Power-to-Gas- Technologie

Besichtigung Testanlage Werdholzli fiir spezifische Interessengruppen Jan - Juni
- Energie 360°: MA, GL, VR 2017

- Behorde / Verbdnde / Institute: (eingeladen zu Besichtigungstag)
- HSR: Power to Gas Expertengruppe
- PSI: MA ESI Plattform; kiinftige Projektinteressenten

TV Beitrag: Power to Gas 23.02.2017

= TV SR F El n Ste | N Transfer Cosima von PSlins Werdh&lzli Teil von Einstein Sendung 23.2.2017

Fachartikel: Biogas PtG im Pilotmassstab
- VSG Aqua&Gas (Heft Sept 2017)
- VSE Bulletin (Heft Okt 2017)
- Artikel BFE
- BFE Website August
- Energy now (Beilage von ,Swiss Engineering STZ‘) 8.Aug2017
- Erneuerbare Energien (deutsch/franzosisch) 11.August
- Efficience 21 (franzdsich) Oktober

Kommunikation, Event

Artikel Projekt Erkenntnis: eigene Webseiten/Hauszeitungen

- Online Magazin Energie 360° (April 2017) 20.04.2017
- Online Magazin Energie 360° (Abschluss 1’000 h Versuch) 25.07.2017
- PSI und Online Magazin Energie 360° (Abschluss Projekt, x.09.2017

Veroffentlichung Bericht BfE homepage)

Prasentation Projekt, Erkenntnisse an Branchenveranstaltungen

- HSR Expertengesprach (2017) 12.01.2017
- Zukunftsforum Biogas an der EMPA, 3. Mai 2017 (2017 Q2) 03.05.2017
- Forschungstagung Bioenergie 2017 des BFE 10.05.2017
- Regatec 2017: 2 Poster (Biogas cleaning, Erfahrung Methanisierung) 22.05.2017
- BFE Lunch Session, 7.6.2017 07.06.2017
- SCCER BIOSWEET Konferenz, 5.9.2017 05.09.2017
- FOGA Abschlussprasentation, 6.9.2017 06.09.2017
- Power-to-Methane Joint Workshop, Briissel, 6.9.2017 06.09.2017

Innovationspreis

- Anmeldung zu Watt d'Or 2018
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Annex: Sankey diagrams

Two stage methanation
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Flow diagram for energy flows and mass flows for process concept Il (BFB-FB) with two stage
methanation at 7 bara, applying isothermal fluidised bed methanation for the main reactor and cooled

fixed bed methanation for the upgrading reactor.
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Single stage methanation
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cept I, BFB only), applying isothermal fluidised bed methanation and only drying for gas upgrading
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Single stage methanation and membrane upgrading
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Flow diagram for energy flows and estimated mass flows for single stage methanation and membrane

upgrading at 7 bara (process concepts lll and 1V, BFB-Memb and FB-Memb); As both methanation

reactors (BFB and FB) are limited by thermodynamics, no significant differences are visible in the en-

ergy and mass flow diagram.
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Annex: Comparision of methanation technologies
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Vergleich zwischen katalytischer (Wirbelschicht und Festbett) sowie biologischer Methanisierungsverfahren

In der Tabelle ist ein Vergleich der wichtigsten Parameter der katalytische Wirbelschicht- und Festbett-Methanisierungstechnologie sowie dem biologischen Riihrkes-

selverfahren dargestellt. Die Stérken und Schwéchen der Wirbelschicht Technologie sind im Vergleich zur biologischen Ruhrkessel-Methanisierung aufgefuhrt

Met hanisierungs-Technologie Vergleich

Katalytisch

Reaktorbauweise Wirbelschicht

Festbett

Biologisch

Rihrkessel

Starken / Schwachen

Wirbelschicht vs. biologische Verfahren

Vorteile der
Wirbelschicht

Nachteile der
Wirbelschicht

Katalysator Nickel Katalysator Nickel Katalysa- Mikroorganismen
tor

CH, Gehalt in Produkt 90-92% 90-92% >98% (>96% nur mit Postpro-
Gas cessing Unit oder zwei-
(ohne Postprozessing stufiger Reaktorschal-
Unit, nur Trocknung) tung maoglich)
H, Gehalt in Produkt- >8% >8% <2% (<2% nur mit Postpro-
gas cessing Unit oder zwei-
(ohne Postprozessing stufiger Reaktorschal-
Unit, nur Trocknung) tung maoglich )
Temperatur 300-400°C 250-650° 35-70°C Abwéarme auf hohem In Standby hohe Betriebs-

(je nach Ver- Temperaturniveau (Re- Temperatur, die auch be-

fahrens-Variante)

aktionswarme und Kon-
densationswéarme)

notigt wird um die Reaktion
zu starten (Energiebedarf
in Standby, um Warmever-
luste auszugleichen)
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Met hanisierungs-Technologie Vergleich Stérken / Schwéchen
Katalytisch Biologisch Wirbelschicht vs. biologische Verfahren
Reakt orbauweise Wirbelschicht Festbett Rihrkessel Vorteile der Nachteile der
Wirbelschicht Wirbelschicht
Nutzung der Reak- | Sehr Gut Sehr gut bedingt maoglich Intensiver Warmeaus-
tionswarme tausch, dadurch nahezu

isothermer Betrieb;
Abwarme auf hohem
Temperaturniveau

Druck > 6 bar > 10 bar > 1 bar
Gas hourly space ve- > 2000 2000 - 5'000 <100 Reaktorvolumen min-
locity (GHSV): destens 2 mal kleiner
Reactant Gas Flow als Festbett und min-
Rate / Reactor Vol.) destens 5 mal kleiner
als Biologische Met hani-
sierung
Limitierung der Gleichgewicht (Ki- Gleichgewicht Stofftransport (Gas-
Reaktionsrate netik, Thermody- (Kinetik, Ther- Flussigkeit)
namik) modynamik)
Toleranz gegeniber gering Gering Hoch Gasreinigung nach Bei Anwendung mit Roh-
Spurenstoffen wie (bendtigt geringe Men- Met hanisierung entfallt. | biogas genugend effekti-
Schwefelverbindungen gen S als Spurenele- ve Gasreinigung nétig.
ment Katalysator ist anfallig

gegen bereits kleine Verun-
reinigungen des Gases mit
Schwefel (ca. 1 ppm).
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Met hanisierungs-Technologie Vergleich

Starken / Schwachen

Katalytisch Biologisch Wirbelschicht vs. biologische Verfahren

Reaktorbauweise Wirbelschicht Festbett Rihrkessel Vorteile der Nachteile der
Wirbelschicht Wirbelschicht

Umsetzung von Gasen | Mdglich (gezeigt | nein Nein Einziger Reaktortyp, der
mit Olefinen und mittels 1000h Expe- solche Gaskomponenten
Aromaten (Typisch riment und Hochska- verarbeiten kann
fur Holzvergasung) lierung auf 1 MW)
Lastwechselverhalten | Flexibel (30%-120% | massig flexibel sehr flexibel Dank Isothermie auch

(Turndown ratio)

d. Nominalkapazit at
gezeigt in Gussing)

zeitlich dynamisch flexi-
bel

Anfahrzeit (Einspei-
sung ab Start aus
warmem Stand-by)

15 min

15 min

sehr schnelle Anfahrzeit
im Bereich von einigen
Minuten

Strombedarf
Methanisierung
[kWh/msBiogas]

Hilfsstoffe und Ver-
brauchsmaterial
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0.1-0.2 kWh/m®goges;
Kompressorleistung
entspricht < 1.6%
der Elektrolyseleis-
tung

Katalysator

Etwas hoéher als
bei Wirbelschicht,
da meist bei hthe-
rem Duck betrie-
ben und grésserer
Druckabfall durch
den Reaktor.

Katalysator

Fir Microbenergy und
Electrochaea: Der Ver-
brauch des Rihrsystem
entspricht etwa 1-2 %
der Elektrolyseleistung;
der Stromverbrauch fir
den Kompressor kommt
noch dazu.

Nahrst offe/ Pufferlésung

Tiefer spezifischer Strom-
verbrauch. da tieferer
Druckabfall als bei Fest-
bett und kein Rihrwerk
noétig. Spezifischer Strom-
verbrauch andert sich
nicht bei der Hochskalie-
rung (anders als bei
Ruhrwerken).

Preiswerter Katalysator,
der max. einmal pro Jahr

ausgetauscht werden muss
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Reaktorbauweise

Met hanisierungs-Technologie Vergleich

Katalytisch

Wirbelschicht

Festbett

Biologisch

Rihrkessel

Starken / Schwéachen
Wirbelschicht vs. biologische Verfahren

Vorteile der
Wirbelschicht

Nachteile der
Wirbelschicht

Komplexitat Reaktor
(Moglichkeit Hochska-
lierung)

Vertikale Warmetau-
scherrohre struktu-
rieren den Reaktor;
Scale-up durch grés-
seren Reaktor-
durchmesser und
numbering-up der
WT-Rohre

Einfacher Scale-
up durch num-
bering-up der
Katalysator-
gefillten Rohre

Ruhrwerk, komplexe
3-Phasenstromung, bei
der Stoffubergang limi-
tiert

Keine Rotierenden Teile
(Ruhrwerk); Hochskalie-
rung ab Pilotmassstab
(GanyMeth) unproble-
matisch

Technologie Reife- | 5 (Cosyma in Zlrich) 8-9 (Werlte) 5-7 (Stadtallendorf,

stufe 7 (PDU Gissing) Foulum)
8 (Comflux-Anlage)

Hersteller am Markt | Industriepartner von | HZI Electrochaea

vorhanden PSI (ongoing) Viessmann

Demo-/ Kommerzielle
Anlagen

PDU Gissing: 1 MW,
2008-20009;
Comflux-Anlage:

20 MW, 1980er
Jahre

Werlte; 3 MW,
Audi, Deutsch-
land

Bio-Cat; 0.5MW,
Electrochaea, Danemark
Allendorf: 300kW,,
Viessmann, Deutschland
1-2 MW geplant in Solo-
thurn u. Dietikon
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Quellen:
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Vergleich der Vor- und Nachteile der biologischen und katalytischen Methanisierung; (Graf et al., 2014)

Methanogenese als mikrologische Alternative zur Katalytischen Methanisierung: (Krautwald et al. 2016 Aqua&Gas N°7/8,
PSI-Betrachtung/ Berechnung

Angaben von Vertretern Micobenergy und electrochaea bei den REGATEC-Konferenzen 2016 und 2017



